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EXECUTIVE SUMMARY

BACKGROUND:

1.

INTRODUCTION

The Water Utilisation Division of the University of Pretoria has developed a micro-
screen method for the selective cultivation of esseniially mono cultures of
filamentous algae and fungi.

Because of the screening action of the micro-screen, it is possible to increase the
biomass in a continuous culture of filamentous fungi to higher concentrations than
what is usually achieved by other means. In general, higher concentrations of
biomass means that smaller reactor volumes are required 1o effect a particular bio-
mediated reaction.

Although there are advantages in by increasing the biomass concentration in a
bioreactor, one serious disadvantage observed with filamentous biomass is that an
increase in biomass concentration leads to a decrease in the efficiency of oxygen
transfer in such cultures. Since oxygen is an essential (and costly) nutrient for
aerobic biochemical praocesses, optimisation of oxygen transfer in filamentous fungi
was identified as essential for the successful application of the micro-screen
selective cultivation method for the treatment of some specific industrial wastewater

streams.

This project deais with the development of improved cultivation techniques of
filamentous fungi (growing on a fatty acid containing industrial effluent} with special
emphasis on oxygen transfer in such biocultures.

OXYGEN TRANSFER IN (WASTE) WATER AND METHODS

A literature survey was made of the various methods used for determining the
oxygen transfer rates obtainable from aeration devices. Aeration devices are
usually tested under “standard” conditions and the benefit of these tests are that
different aeration devices can be compared with each other.



The real test of aeration devices lies in its performance under “field” conditions. As
it is rather difficult to test aeration devices under these conditions, the Standard test
results are usually modified in an attempt to simulate field conditions. At best, this
is only an approximation of the real situation.

In wastewater treatment, Chemical Oxygen Demand (COD) balances are used to
determine the oxygen requirement of a particular biological wastewater treatment
process. This same method, although very cumbersome, could be used to
determine the oxygen transfer efficiency in a biological growth system. This was
the method used in this study to determine the aeration efficiency under various
experimental conditions.

EXPERIMENTS AND RESULTS

The experiments done can be classified as Background experiments and Aeration
comparative experiments.

In the Background experiments conditions were established under which
meaningful comparative experiments could be performed. A comparison of the
traditional chemostat method with the newer auxostat method for the continuous
cultivation of micro-organisms was made. The auxostat or pH controlled feed-on-
demand method was found to be better for our purposes.

The auxostat method was then applied to two reactors in series operation. In this
reactor arrangement, the first bioreactor supplies a constant concentration and
physiological age of micro-organisms to the second bioreactor.  Different
experimental conditions are then superimposed on the second bioreactor and its
effect measured. This arrangement works quite well.

The following aeration conditions were tested:
- The effect of mechanical mixing with diffused air aeration on oxygen transfer:

- The effect of air flow rate on oxygen transfer; and
- The effect of diffuser submergence on oxygen transfer.



Virtually the same maximum oxygen transfer rates of about 1100 mg O/L.h could be
achieved by the various actions imposed on the system. However, there are some
practical limits which should not be exceeded. These limits are:

- The concentration of filamentous biomass should preferably be less than
6000 mg/l, otherwise oxygen transfer is limited in an exponential order with
increase in biomass concentration;

; The maximum aeration rate should be limited to about 1 m? air/m® liquid.min.
Higher aeration rates caused severe foaming and could cause structural
damage to the bioreactor.

- The optimum number of mechanical air bubble breakers are two. Less or
more mechanical bubble breakers had a diminishing effect on oxygen
transfer rates.

Lastly, it was found that there exists a linear relationship between the submergence
depth of the diffuser and the rate of oxygen transfer. This means that the deeper
the aeration depth, the better.

CONCLUSIONS

This study has produced a few new concepts with respect to the cultivation of filamentous
fungi that will make its industrial application practical and economically feasible.
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INTRODUCTION

The Water Utilisation Division of the University of Pretoria has developed a micro-screen
method for the selective cultivation of essentially mono cultures of filamentous algae
(Pretorius and Hensman, 1984) and fungi (Kihn and Pretorius, 1988 and 1989; and
Pretorius and Lempert, 1993). In this process the micro-screen also acts as a cell
separator, similar to a secondary clarifier in activated sludge.

For activated sludge processes with secondary clarifiers, a maximum design value for the
biomass concentration (or Mixed Liquor Suspended Solids (MLSS)) of about 4000 mg
MLSS// is recommended (Water Research Commission, 1984). The MLSS value of 4000
mg MLSS/! is arbitrary chosen to ensure a biomass free effluent. Biomass in the effluent
results in poor effluent quality.

One of the results of this relatively low sustainable concentration of biomass is that
relatively large bioreactors are required to accommodate the required biomass for the
activated sludge process.

Because of its very nature of screening, the micro-screen selector/separator has not the
same biomass concentration limitations as conventional gravity separators. Virtually any
desirable concentrations of filamentous biomass can be maintained in such a micro-screen
bioreactor. This means that as the biomass concentration is increased, the size of the

bioreactor can then be proportionately decreased.

Although there are advantages by increasing the biomass concentration in a bioreactor,
one serious disadvantage observed with filamentous biomass is that an increase in
biomass concentration leads to a decrease in the efficiency of oxygen fransfer in such
cultures. Since oxygen is an essential (and costly) nutrient required for activated sludge
type wastewater treatment processes (Rieth et al., 1995) and for aercbic biochemical
processes (Chisti, 1989), optimisation of oxygen transfer in cultures of filamentous fungi
was identified as essential for the successful application of the micro-screen selective
cultivation method.



This report deals with the development of improved cuitivation techniques of filamentous
fungi (growing on a fatty acid containing industrial effluent) with special emphasis on
oxygen transfer in such bio-cultures.

OXYGEN TRANSFER IN BIO-CULTURES: AN OVERVIEW

Solubility of oxygen in water

The solubility of oxygen in water is determined by the partial pressure of oxygen,
temperature of the water and the concentration of dissolved impurities in the water (ASCE,
1983).

An empirical formula (Barmes ef al., 1981) that gives the effect of temperature between
5°C and 25°C and salinity on the solubility in clean water from air at sea level (total
pressure = 101.325 kPa, or oxygen partial pressure = 21.24 kPa) is:

_ 482.5 - §[0.003 — (2.6T x107)]
s 326+T M

C

where C, is the saturation concentration of oxygen (mg//); S is the salinity (mg//); and T is
the temperature (°C).

Equation (1) gives approximate vaiues at sea level and a correction must be made for
altitude:

C, =C,,(0.99)""
* (2)

where Cqn is the saturation concentration at an elevation of h metres; C is the saturation
concentration at sea level.

The maximum concentration of oxygen from air in tap water (salinity, S = 400 mg//) and at
25°C in Pretoria (h = 1400 m) is given by Eq. (1) and (2) as approximately 7.13 mg O//.

Aerobic micro-organisms require a specific minimum concentration of oxygen to grow. If
the oxygen concentration is below this minimum concentration, no aerobic growth will
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occur. This critical oxygen concentration lies in the range of 0.96 to1.6 mg O/ (Bailey and
Ollis, 1986).

The maximum volumetric oxygen transfer rate that can be achieved economically on a
sustained basis in activated sludge is around 100 mg O/i.h (Grady et al., 1999) and in
production fermentation between 200 mg and 1000 mg O/l.h (Chisti, 1989).

From the relatively low solubility of oxygen obtained from air, to the relatively high oxygen
demand of micro-organisms grown in productive fermentation, it is clear that huge
quantities of oxygen (air) must be supplied to overcome the critical oxygen concentration
required for unrestricted growth.

Measurement of oxygen transfer rates in clean {tap water)

Aerators and other oxygen transfer devices are calibrated by measuring its oxygen
transfer capability under standard conditions. Standard conditions in the United States are
taken as the use of clean (tap) water at 20°C, at sea level and at zero dissolved oxygen
(ASCE, 1983 and 1984). In Germany and Austria the guidelines for oxygen fransfer
measurements in clean water allow the addition of 5 g/m® of an arbitrary anonic surfactant
into the clean water (Wagner and Popel, 1996).

The basic model recommended for the analysis in clean water is (ASCE, 1984):

C=C", -(C,—C,)exp(K,ar) (3)

Where:

Co = Average dissolved oxygen (DQ) saturation cancentration attained at infinite
time, mgO/I.

Ka = Apparent volumetric mass transfer coefficient, t'. K, is the transfer

coefficient for unit area (kg/s.m?); a is the area of air-water surface (m?).
Neither K; nor a can readily be measured, but the composite transfer
coefficient K.a can be inferred from the test.



Co DO concentration at t = 0, estimated from the model, mg O/

O
N

Effective average DO concentration in the liquid phase, mg O/}

—
n

Time, usually minutes

Non-linear regression is employed to fit Eq. (3) to the measured DO profile determined
during the oxygenation test. Test procedures are fully described elsewhere (ASCE, 1983
and 1984). Non-linear regression curve fitting is required to determine C.* and K;a from
the expérimental data. A special computer program (see ASCE 1683 and 1984) is
required for the best determination of these constants. However, these constants can
easily be determined with a spreadsheet as shown in Appendix 1.

Once Kz and C'., are known the rate of oxygen mass transfer can be calculated by:

_ rate of mass transfer per unit volume

K.a :
Cc'.-C 4)

Since it is usually not possible to perform the oxygen transfer test under the standard
conditions described above, it is necessary to compensate for the difference in
temperature and barometric pressure as shown elsewhere (ASCE, 1984) to obtain a
Standard Oxygen Transfer Rate (SOTR).

OXYGEN TRANSFER IN WASTEWATER

Many factors such as wastewater contaminants, temperature, DO concentrations,
turbulence and basin geometry, all affect oxygen transfer rate. Since these factors make
field application unique, it has become standard practice to develop additional techniques
for adjusting rates at “standard conditions” to rates at field (wastewater) conditions (ASCE,
1993).

Field oxygen transfer rates, OTR;, are calculated from SOTR, through the use of alpha, ¢,
beta, § and theta, 6 factors. The o factor is to accommodate the effect of impurities on

Ksa; the B factor compensates for the average DO saturation concentration, C'.. attained



at infinite time; and the @ factor compensates for temperature. OTR: can be calculated
from SOTR:

a(SORTY® T

otR, - K2 (4" - ) (5)

where C .. indicating wastewater and Cr = desired DO concentration under normal
operation, mg O/

From the above it is clear that the direct measurement of oxygen transfer in wastewater is
effected by many factors, which should be taken in account when oxygen transfer in
mycelial fungi cultures is measured.

OXYGEN TRANSFER IN MYCELIAL FUNG! CULTURES

Effect of organics

The concentration of impurities like dissolved organics is generally much higher in
fermentation broths than in wastewater. Some of these dissolved organics have a
detrimental effect while other have a beneficial effect on oxygen transfer.

Eckenfelder and Barnhart (1961) found that the K,a value decrease to 40% of its clean
water value when 10 g// peptone was added. Similarly, surface active agents usually
decrease the Ka values to such an extent that compensation for it is made in the Ka

obtainable in wastewater.

in contrast to the above, Zieminshi et al. (1960) found that the value of K;a in distilled water
increased by 50 to 100% with the addition of 20 mg/! of substances like n-buthyl and iso-
amylacetate.

Fermentation nutrients and fermentation products thus can substantially change the K;a as

measured in clean water.



Effect of surface active agents

The effect of surface active agents on Ka is well known in wastewater aeration. This
effect is compensated by the o factor on Ka.  Studies by Wagner and Popel (1996)
showed that the presence of 5 mg surfactant// decreases Kia by 55%. The effect of
surfactant was greater on fine bubble aeration {a values in range between 0.4 and 0.7),
than on mechanical aeration systems (« = 0.9 to 0.95). Also, non-ionic surfactants reduce
the oxygen transfer more strongly than anionic surfactants.

Mycelial fungi

While most bacteria and yeasts give rise to a Newtonian suspension with the suspending
fluid having nearly the same viscosity as water, some bacteria and yeast fermentation
systems can be highly viscous and non-Newtonian. The latter behaviour is largely due to
various polymers secreted by the cells into the surrounding medium (Chisti, 1989). Most
mycelial fungi have a thread like form which form large flocs in suspended growth systems
(Kihn and Pretorius, 1987; Pretorius and Lempert, 1993). This mycelial form viscous
fluids with non-Newtonian rheological properties. Brierfley and Steel (1959) study the
effect of the mycelial concentration of Aspergillus niger on the reduction of K;a as shown in

Figure 1.
00 —
250
I
200
E [ )
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|
100
50 - 3\\
0 . : ¥
o 0102 0304 L0 20 at
Mould cone. {25}

Fig. 1. Decrease of k.a values depending on mycelial concentration in broth; The value
determined polarographically is plotted against mould concentration, % (Asperygifius niger).
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in summary it can be said that although there are similarities, there are also quite
substantial differences between oxygen transfer in clean and wastewater on the one hand
and mycelial fungi cultures on the other.

MEASUREMENT OF OXYGEN TRANSFER IN WATER

Measurement of oxygen transfer in clean water

An in-detail description of the apparatus and methods to be used for the determination of
oxygen transfer in clean (tap) water is given by ASCE (1984). ASCE (1994)
recommended that the dissolved oxygen be chemically removed by sulphite (Na;SO3;).
The sulphite deoxygenation reaction is catalised by cobalt (CoClz or CoSO,).
Oxygenation is then started and oxygen measurements taken at various prescribed points.
The unsteady state oxygen transfer test data is then fitted o the oxygen uptake model
given in Eq. 1.

In laboratory experiments, deoxygenation can also be obtained by nitrogen stripping of the
oxygen in the test water (ASCE 1993).

Measurement of oxygen transfer in wastewater

Alpha, o and beta, p values are necessary for describing the influence of dissolved and
suspended solids on the transfer capability of aeration equipment in clean water. In
general, o and p measurements are made only when the field transfer rates are to be

compared to standardised transfer rates developed under clean water conditions (ASCE,
1993).

Under field conditions, i.e. activated sludge systems which contain respiring biomass,
three test methods have been used which do not require a direct measure of oxygen
update rate, namely:

(i) the mass balance method which requires data on the net change in oxidation level
between all entering and exiting liquid fluids;



(i) the off-gas method which is simply a mass balance on oxygen that includes both
the liquid and gas streams: and

(i)  the tracer method which indirectly measures the rate of oxygen transfer by
determining the rate of transfer of a radioactive tracer.

The mass balance method is most commonly used and can be performed on continuous
flow (steady state) and batch (unsteady state) reactors.

The energy in a compound is related to the electrons available for transfer, which can be
related to the amount of oxygen required to completely oxidise the compound or the
oxygen demand (OD) of the compound (Grady and Lim, 1990). The amount of OD
removed from the medium must equal the oxygen actually used by the biomass, plus the
OD of the biomass (cells) formed. The steady state oxygen requirement of a bioculture
can be calculated by a mass batance on OD. The oxygen demand of organic matter
can be measured by the Chemical Oxygen Demand (COD) test (Water Research
Commission, 1984).

The COD (or OD) of microbial cells depends on the empirical formula of cell material,
which can vary between 1.10 t6 1.33 g COD/g TSS as shown in Table 1.

Table 1: Theoretical COD values for various empirical microbial cell formulations.
(McCarty, 1964).

Bacterial Molecular weight Theoretical COD in grams
formulation Perg TSS Per g VS$
CsH;ON 113 1.28 1.42

CsHgOsN 131 1.10 1.22

C7H4603N 166 1.33 1.48

CsHsO2N 168 1.32 1.47

Grady and Lim (1980) called the COD of ash-free cells (VSS) 8 and the oxygen

uptake rate, ro, to make a COD balance over a bioreactor growing at steady state:

FS, — FS — FBX + (-roV) =0

Where: F
So

flow rate

COD concentration of inflowing substrate

8

(6)




S = COD concentration of effluent
X = ash-free biomass
Vv = volume of the reactor

The mass oxygen transfer rate ro (mg O//.h) can readily be calculated from Eq. 6.

Because of the difficulty to measure Ki/a in a fermentation broth, especially one with
mycelial growth, this method of COD mass balances was used in this study.

BACKGROUND TO THIS STUDY

The use of continuous stired tank reactors (CSTR) with cell recycle for biochemical
operations is not new (Grady and Lim, 1960). The use of a micro-screen as species
selector and cell separator is new. The result is that most of the work done thus far
(Pretorius and Hensman, 1984; Kihn and Pretorius, 1988) were of an exploratory nature.

Planning this research, it becomes clear that the exploratory studies have identified a few
issues which first should be answered, before meaningful experiments on oxygen transfer

could be attempted.

Essential background research

As a fatty acid containing industrial wastewater supplemented with nutrients was used as
basic feedstock, pH control was a problem as large quantities of neutralising agent was
required to keep the pH within acceptable limits. Experiments were done to see if it was
possible to reduce the amount of neutralising agent required.

Main aeration research

Grady and Lim (1980) describing the use of a chain of CSTRs with multiple feed points
mentioned that in a multistream system the micro-organisms in the second stage can be
operated at any practical rate without the danger of washout in the system. The
characteristics of such a two-stage system makes it ideally suitable for maintaining a rapid
growing culture for a long period.



This two-stage reactor set-up and flow configuration were used for all comparative
experiments.

In summary, the experiments are as follows:

1. Essential background research
The development of a pH-controlled, feed-on-demand fungi growth system with the

purpose of reducing the amount of fatty acid neutralising agent and improving
oxygen transfer rates. This is described in Experimenis 1 and 2 respectively.

2. Comparative aeration studies

A series of comparative aeration studies are described in Experiments 3 to 7
respectively.

EXPERIMENTAL

Common parameters to all experiments

Feedstock

A fatty acid containing effluent from a synthetic petroleum producing industry was used as
feedstock for all experiments in this study. The composition and average concentration of
the undiluted industrial effluent is shown in Table 2.

Table 2: Composition and concentration of undiluted feedstock.

Constituents Concentration COD myli
{mg/)

Acetic acid 8748 9323
Propionic acid 2564 3877
i-Butyric acid 321 584
n-Butyric acid 979 1779
i-Valeric acid 212 432
n-Valeric acid 283 575
Average COD concentration 16570
Coefficient of variation 900
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* Some batches were as high as 21 300 mg COD/I.
pH of undiluted feedstock = 3.8.

Nutrients were added to the undiluted feedstock at concentrations as shown in Table 3.

Table 3: Nutrient addition to undiluted feedstock.

Nutrient Mass (g) added per liter
NH3 1.0
H3PO, 0.47
KoHPO, 0.28
| MgS0, 0.08
Fungus

Micro-screened selected cultures of Geotrichum sp. were used for all experiments which
were conducted at 35 + 1°C.

Analysis and control

Chemical Oxygen Demand (COD) and Suspended Solids (SS) were analysed according to
Standard Methods (1989).

pH-Control was done by a pH-stat (E and H Conducta, Stuttgart), airflow with a rotameter

(Fischer and Porter FP-1/2-17-10/80, Gottingen) and temperature by a thermostat/heater
(Sicce, model RTR 25/300 PD, Italy). '

Oxygen transfer rates

Oxygen transfer rates were calculated from COD mass balances made on COD on
solution and the COD of fungal cells.

Bioreactors
Two types of bioreactors were used, namely:

a. a micro-screen selector reactor with cell recycling; and

11



b. a reactor, usually in series with (a) without cell recycle.
a.  Micro-screen selector reactor with cell recycl

A rectangular, 0.1 x 0.175 x 1.83 m high aeration column with micro-screen was
constructed from Perspex. A membrane (Elastox-T, Biwater) diffuser with two
identical halves, was mounted at the bottom of the aeration column. A 11.5 cm by
5.57 cm, 200 u mesh with overflow collecting chamber was mounted, 1.45 m from
the base of the reactor. The effective volume of the reactor was 24.2 1.

b. Reactor without cell recycle

The reactor without cell recycle consists of a square 0.4 m x 0.4 m base with draw-
off overflows at 0.4, 0.6, 0.8, 1.0 and 1.2 m from the base. The working volume of
the reactor varied and depends on which draw-off level was used. This reactor was
fitted with a membrane diffuser at the bottom as described above. Airflow to the
reactor was measured with a rotameter (Perflow FR6S, London). The airflow to
reactor could be varied between 0 and 4 air volumes per reactor volume per minute.

In addition to the fine bubble diffuser a Rushton-rotor, with a rotor diameter to reactor
diameter ratio of 0.3 (Oldshue, 1983) was installed. Figure 2 shows the dimensions of the
'Rushton-rotar.

*-—_-.._._..--_-..___

Fig. 2. Rushton-rotor.
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The number of rotors (on the same shaft) could be varied from 0 to 4, and the rotation
speed from 0 to 600 rpm. A temperature and pH controller were provided as before.

Flow configuration and pH control

Selector micro-screen reactor with cell recycle

a. Manual feedrate control

in the manual feed mode, feedstock was fed by a manual adjusted peristaitic
feedpump, set at any predetermined rate. In this case the pH in the reactor was
maintained automatically at a constant value (pH = 5) by the pH stat, using 6N -

. H
NaOH as neutralising agent. I;{]Em,,,r

£ i

n = [ b
g pH controlled |~ Manuaily
sodium hydroxide ( : f?::::::::z

feed (Varying) N~ _’/V
-
kf—'
Micrp- Reactor

screen '
pH=5 > Acidic effluent plus

nutrients
dilutad with tap water
pH = 4,1

Effluent pH
Electrode
Sodium
hydroxida Harvest

Fig. 3. Reactor with manual feed control.

Figure 3 shown schematically this feed and pH control.

b. Automatic pH controlied feed on demand

In the pH controlled feed on demand mode, the pH controller is set at pH 5. When
the pH exceeds pH 5, the pH controller activates the feed pump. As the feed has a
pH < 5, the pH in the reactor starts to drop. When the pH reach a value of 4.8 (0.2
pH units is the sensitivity of the pH controller), the feed is stopped until a pH of

13



about 5 is reached, when the feedpump is again activated. The pH controlled feed

on demand mode is shown in Figure 4.

pH

L._Controller ________ .

[
M
\/

pH controlled
feed pump
= pH Electrode
Acidic effluent plus
Harvest nutrients
diluted with tap water

pH=41

Fig. 4. pH controlled feed on demand.

Reactor without selector and without recycle

This reactor was the second reactor in a series of two, where the first reactor was a
selector reactor with cell recycle. This second reactor was equipped with its own
temperature and pH controller. The flow configuration for this two-reactor in series
composition is shown in Figure 5.

Fead 1 Feod 2
S Se
Fon Fo

Effluent 1 -
] Harvest 2
B e 2 F:

s o . :
Xy Harvest 1 : 32 DQ
For Xz

S,
X,

Fig. 5: Two-reactor in series combination.

In this case, tests were generally performed on the second reactor.
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BACKGROUND, DESIGN, OPERATION AND RESULTS OF SPECIFIC EXPERIMENTS

Experiment 1: Chemostat vs auxostat operation

Background

Up iill now, ali research experiments where the selective micro-screen technique were
used, the bioreactors were operated manually (Figure 3) like a chemostat (Bailey and
Ollis, 1986). To maintain a cell concentration (X, mg//) of between 4000 and 6000 mg/i,
at a cell age (8;,h) less than 18 h {(maximum 8. which still maintains reasonable selection
pressure, it was necessary to dilute the feedstock to a COD concentration of about 700
mg/! with tap water.

Sowers et al. (1984) described an auxostat where, in contrast to a chemostat, the feed
rate to the reactor is determined by the substrate utilisation rate of the culture. Because of
the similarity between their substrate (acetic acid) and our feedstock {mixture of short
chain fatty acids), this pH method of feed rate control was tried on our system.

Operation

A selective micro-screen reactor was operated on diluted feedstock on the manual feed
mode and then changed to the pH controlled feed mode (Figure 4). The operational
conditions, i.e. sludge age, hydraulic residence time (t,h) was approximately simitar for the

two modes, namely8; = 14 h,7 = 3.5h,

Results and discussion

The feed and effluent concentrations for the two modes of operation are shown in Table 4.

15



Table 4: Feed and effluent concentration of a selective micro-screen operated as
chemo and auxostat respectively.

Feed: Chemostat: Auxostat: 1

Acid Acid coD As Acetic | Acid coD As Acetic |
(mg/h) (mglf) (mgf) (mgl) (mg/l) (mg/l)

Acetic 3796 4045 3796 3743 3988 3796

Propionic | 1103 1668 1360 1107 1673 1360

i-Butyric 141 255 206 137 248 206

n-Butyric 404 733 592 441 800 592

i-Valeric 92 186 156 82 186 156

n-Valeric 120 244 204 124 252 204

Total 7132 6314 7147 6314

Effluent: | Chemostat: Auxostat: ]

Acid Acid COD As Acetic | Acid coD As Acetic
(mal1) (mgi) (mgl1) (mgi) (mg1) (mg/1)

Acetic 752 801 752 124 132 124

Propionic | 409 618 504 37 55 45

i-Butyric 108 196 158 6 10 8

n-Butyric 59 106 86 11 19 15

i-Valeric 81 164 137 4 7 6

n-Valeric 15 30 25 16 33 27

Total 1916 1662 256 225

From Table 4 it is clear that lower effluent concentrations were obtained by the auxostat

method of operation, than by the chemostat method of operation. With the auxostat

operation it was not necessary to partially neutralise the feedstock.

Although better

substrate removal were obtained, the steady state feed rate was slower than the

chemostat method, i.e. T chemostat = 3.5 h; 1 auxostat = 5.75 h.

The probable reason for this slower feedrate is that with the auxostat method of operation,

the substrate concentration in the reactor become growth limiting. The auxostat method of

feed control has many advantages and should be further investigated.

Experiment 2: Partial neutralisation of feedstock

Background

By operating the selector micro-screen reactor as an auxostat, it was observed that the

feed rate was slower than than when the reactor was operated as a chemostat. It was



decided to determine the effect of partial neutralisation of the feedstock on the oxygen
transfer rate.

Cperation

The fraction of feedstock neutralised was stepwise increased from zero to 2, 3 and 5%
respectively. Neutralisation was done for example by removing 2% of the volume of
feedstock. The pH of this 2% feedstock is then increased to pH 7 by the addition of 6 N
NaOH solution. This neutralised 2% volume is then admixed with the original 98% volume
to give a final 2% neutralised feedstock.

The second reactor of a series of reactor was then also run in an auxostat mode and the
oxygen transfer rate (ro} calculated. The process was repeated for higher fractions of
neutralisation.

Results and discussion

The results are given in Appendix 2 and shown graphically in Figure 6.

y=120.73x+ 143.45
700 RE=00451 )

ro {mgO/l.h)
(93
S
S
‘x

0 1 2 3 4 5
% Neutralise

Fig. 6: Effect of partial neutralisation on oxygen transfer.

Figure 6 shows a linear increase in oxygen uptake rate with an increase in partial
neutralisation within the fractional neutralisation range tested.
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The possible explanation for this observation is two fold. Firstly, as the auxostat method of
feed to the reactor is based on changes (increase) in pH due to metabolism, partial
neutralisation of the fatty acids increases the pH of the feedstock. The fungi thus had to
metabolise less fatty acids from the feedstock to effect an increase in pH, compared to the
unneutralised feed. The feed rate thus increases. Secondly by having to metabolise a
smaller fraction of fatty acids to effect the required pH change, the unutilised fatty acid
concentration in the reactor (as well as in the effluent) increases. This higher
concentration of fatty acids do not only increase the growth rate of the fungi (Monod
equation), but also allows the fungi to selectively metabolise the more readily utilisable
fatty acid species - thus an increase in metabolism and increase in oxygen requirement.

By the auxostat method of feed control and partial neutralisation the metabolic rate of the
fungi can be controlled, as well as the fraction of unmetabolised fatty acids in the effluent.

COMPARATIVE STUDIES ON OXYGEN TRANSFER RATE

Background

Once the selective cultivation techniqué for fungi in a single reactor and in two reactors in
series has been established, it was possible to do a series of comparative experiments on
oxygen transfer. The purpose of these experiments was to determine the effect of specific
variables and combinations of variables which will give the best oxygen transfer.
Experiments were done to determine the effect of:

- number of rotors on a shaft;

- rate of rotation of rotor;

- air supply rate;

- depth of air diffuser submergence; and

- biomass concentration on the oxygen transfer rate.

All these experiments were conducted in the second reactor of a chain of two reactors, the
first reactor being the selector reactor.
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Experiment 3: Effect of the number of rotors on a shaft

Operation

The following experimental conditions were chosen:

Reactor depth = 0,8 m; rotating speed = 375 r.p.m. and air supply rate at 1.0 m° air /
(m? liquid.min).

The number of rotors on the shaft were increased from 0 to 4. The spacing of the rotors

on the shaft was as shown in Table 5.

Table 5: Spacing of rotors on shaft.

No. Rotors Height above diffusor

1 100 mm

2 100 and 450 mm

3 100, 330 and 560

4 100, 275, 450 and 625 mm

After each change in the number of rotors, the reactors were run until steady state was
achieved. COD analysis were then made to determine the oxygen transfer rate.

Results and discussion

The effect that the number of rotors on a shaft have on oxygen transfer is shown in Figure
7.
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Fig. 7.  Effect of number of rotors on the oxygen transfer rate.

Figure 7 shows that the oxygen transfer rate more than doubles (from 400 to > 900) mg
Q/(l.h) by the addition of rotors to the shaft. The optimum number of rotors seems to be
between 2 and 3 rotors per shaft. As it is not possible to have fractional rotors, 2 rotors
per shaft seems to be the optimum. Most of subsequent experiments were conducted with
2 rotors on the shaft.

Experiment 4: Effect of rotating speed of rotor on oxygen transfer rate

Qperation

The operating conditions for this experiment was very similar to Experiment 3, except that
only two rotors per shaft were used, while the rotating spsed was stepwise increased from
100 to 650 r.p.m. Oxygen transfer rates were measured for each step increase in r.p.m.

Results and discussion

The results of the rotating speed of the rotor is shown in Figure 8.
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Fig. 8. The effect of the rotating speed of two rotors on oxygen transfer rate.

Figure 8 shows that there is an logarithmic relationship between the rotating speed and the
corresponding oxygen transfer rate. Because of the sheer forces induced by the rotor, the
rotating speed should be fimited to about 450 r.p.m. to prevent filament break-up.

Experiment 5: Effect of airflow rate on the oxyagen transfer rate

Operation

The “standardised” experimental conditions of 0.8 m depth, two rotors per shaft and 175
r.p.m. were used, with increasing the airflow rate stepwise from 0.1 - 1.5 m® air / m®
liquid.min. At each step the oxygen transfer rate was measured.

Results and discussions

The effect of airflow rate on the oxygen transfer rate of a fungai culture is shown in Figure
9.
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Fig 9: Effect of airflow rate on the oxygen transfer rate.

An increase in airflow rate has an increase in the oxygen iransfer rate. At airflow rates of
more than 1.0 m® air / m® liquid.min, excessive foaming was observed. For practical
purposes a maximum airflow rate of 1 m® air / m? liquid.min is recommended.

Experiment 6: Effect of reactor depth on the oxygen transfer rate

Operation

Again the standard operating conditions (see Experiment 5) was used. The liquid depth
was increased in steps of 0.2 m from 0.4 m to 1.2 m. At each step the oxygen transfer
rate was determined.

Results and discussion

The results that show the effect of reactor depth on the oxygen transfer rate of a fungal
culture is shown in Figure 10,

Other than for rotating speed and airflow rate (which have a logarithmic relationship), the

oxygen transfer rate increases liniary with depth, within the depth range tested. The
oxygen transfer rate at a depth of 1.2 m correspond approximately with a rotating speed of
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600 r.p.m. and an airflow rate of 1.5 m® air / m® liquid.min, all tested at 0.8 m depth of
reactor. This means that reactor depth is an important factor in oxygen transfer efficiency.

y = 756.04x + 287.25
RZ = D.9259

1250 3

1050 /
/

650 =

»

450 T T T T T T T T T
03 04 05 06 07 08 09 10 11 1.2 1.3

Reactor depth (m)

ro {(mgO/l.h)

Fig. 10:  Effect of reactor depth on oxygen transfer rate.

Experiment 7. Effect of biomass concentration on oxydgen transfer and viscosity of the

medium

Operation

The standardised operating conditions (depth = 0.8 m, 2 rotors @ 375 r.p.m. and airflow at
1 m° air / m® liquid.min) were chosen and the biomass concentration increased in steps of
1 g/l from 4 to 8 g/l. This increase in biomass concentration was done artificial by
harvesting the biomass in the effluent of the test reactor and add it back to the test reactor.
For each step increase in biomass, the oxygen transfer rate and viscosity of the reactor
contents were determined.

Results and discussion

The results of this experiment is shown in Figure 11.
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Fig. 11; Effect of biomass concentration on oxygen fransfer and viscosity of reactor

content.

While the viscosity shown an exponential increase (y = 0.83e%%%%%) with a

corresponding increase in biomass concentration, it is only after a biomass concentration
of about 5 g/I that the oxygen transfer rate is negatively influenced. At a biomass
concentration of 5 g/7 and more the whole reactor content became visually viscous with the

coalescence of air bubbles to form big (20 — 50 mm ¢) air bubbles.

Operation of this type of fungal system shouid be limited to a concentration of 5 g biomass
/ 1 orless.

SUMMARY AND CONCLUSIONS

1. The screen/selector bioreactor makes the cultivation of filamentous fungi possible.
All the experiments were performed on an industrial effluent, illustrating the possible
use of fungi for the treatment of specific industrial effluents.

2. Up till now, all experiments with the continuous cultivation of fungi was done by the
chemostat-type cultivation method. In this study the auxostat-type cultivation
method was introduced. With this method, the micro-organism and the conditions
under which it grows, determine the rate at which the culture is fed, i.e. feed-on-
demand. With the feed-on-demand method, better substrate removal was achieved
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4a.

than with the traditional chemostat-type continuocus cultivation method. The degree
of partial neutralisation of the fatty acid feed affects the growth rate in a pH
controlled, feed-on-demand system.

A two reactors-in-serigs set-up, where the second reactor in the series is used as
the experimental unit, provides an excellent research tool for comparative studies.
With this experimental setup, the following factors that influence the rate of oxygen
transfer were studied:

Number of Rushton rotors to break up air bubbles;
The rate of rotation of Rushton rotors;

The rate of air supply;

The depth of diffuser submergence; and

® o 0 T o

The biomass concentration on the oxygen transfer rate.

Optimum oxygen transfer occurred with two Rushton rotors per shaft. The oxygen
transfer rate increased from + 420 mg O/Lh with no breakup of bubbles to more
than 900 mg O/I/.h with two Rushton rotors on a shaft, rotating at a speed of 375
r.p.m.

By increasing the rotation speed from 375 rp.m. to 650 r.p.m., the oxygen
increases with a diminishing increasing rate to about 1100 mg O/i.h. This was
about the highest oxygen transfer rate achieved in the filamentous fungi culture. .

With an air flow rate of 1.55 m? air/m? liquid.min., the maximum oxygen transfer rate
of about 1100 mg O/l.h could be achieved. This air flow rate is excessive and
caused heavy foaming to occur. A practical maximum air flow rate of 1 m® air/m®

liquid.min. is recommended.
A linear relationship between depth of diffuser submergence and oxygen transfer

rate exists. Diffuser depth is an important parameter to consider in increasing

oxygen transfer in filamentous cultures.
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e. As there is an exponential increase in viscosity with an increase in fungal biomass
concentration, the biomass concentration should be limited to a maximum of about
8000 mg/l.

f. A simplified spreadsheet programme for the calculation of Kla and C*x from

experimental data, is included.
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Appendixl
Ouygen transfer by non-linsar curve fitting
What o do?
Stap 1
Use axponential oxygen transier mocel:
= Cinf - (Cind - Co) " axp [-KLa * 1] whare,
C = Oxygen contentralion measured at imea ¢ {imgO~}
Cinf = Maximum oxygen conceptration mesasured at infinite time fmgOn)
Co = Qxygen concentration at L = 0 {mgOa)
KLa = Apparent volurneline mass transfer coafficient /)
Step 2
Cre:te & Spreadshest with the folowing varables: Cinf; Co and KLa respectively.
Chaase reglistic vales for aach of these vanables, eg KLa » 0.15 /5. Cinf = 12 mg04 and Co = 1.0 mgOA.
Step 3
Mal-:pe 3 table of ihe Tima and ihe comesponding measurad dissolved (DO} valves
Add a column by using tha measured time a3 & varahle ard the exponential madal with the ¢choosen KLa, Cind and
Co values to calculsla the corresponding C valuas. Calumn headings: Time, DO-Mes, and DO_Prad respeciively.
Add columns Della and AbsDeha, which are the diferente and absclute difersnce beiween DOQ_Mes ano DO_Pred values
NB. Not necessary to add the iatter colums. The sums of the diff can be caltulaied by of Array formules
ap shown Next to tha speciic valuas. Tha {} of array formules ave oblained by typing the appropiate formuia and
then “Shift + Ctrl + Enter” (o enler the formuls as an array formuta,
Stap 4
Usepbuilt-in "Soher” to calculate best-fil vakues for KLa, Cinl and Co &% follow:
For KLa: Choose "RS0Q" as Harget cefl” and make it "Max® by changng "KLa" and "Sobve*
For Cinf and Co: Choose *SebsDeNa” as "target cell* and make it *“Mn® by changing *Cinf and Co*. Add constraint
by selling "SumDela” = 0 and “Solve®. Read alao “Stlem” to gee ¢rror from residusl mgan square.
Stop §
Plol measured and calculated values 1o visually see gocdness of i

Example (See "Developmenl of Slardard Procadures For Evaluating Oxygen Transfar Devices,
American Society of Civil Engineers New York, PB&4-147438, 1963. For
dala used i 1his example)

Choosan values:

Apparent volumeine mass transfer coefficeent KLz 0.0869 /t

Average DO saturation concentration at infinite time Cint 11.425 mgOA

OO conc al1 = §, estimated from model Co 1127 mgOn

Formulaa used for "best-fIt" calculations;

Coafficient of Jetemmination 1o messure degres of it between Formnulas:

measured and predicted valuas RSO .990B5 =RSQ(DO_Pred,00_Mes)

Sum of Absalute difference of DY) measured and madal SabsDelta 0.44127 mgon {=5UM{ABS{{DO_MesHDIO_Predi))}
Sum of difference of DO measured ang model SumDelta 9.812E-07 mpla {=25UMDO_Mes-DO_Pred)}
Eslimate of arrof Iom residual mean square Stdermr 0.0318 mgOA =STEYX(DC_Pred D) Mes)

NB For convenlance all "Mamad”™ ceils and
call ranges requirad for calculations have basn printed in Bold

Tast data: Measured: Predicted:
Tl DO_Mex DO_Pred Ceita AbsDella
2 2.7 .17 0.000 3.FE-06
4 418 4.1% -0.001 SEE-04
L] 538 1 0.038 38E02
a 25 829 0037 3ITEO2
10 148 i Lo2v 2FEO2

12 7.80 7.00 0.004 43E-03
14 8.34 8.37 Q035 ISE-O02
16 885 a.ns 0011 11EQ2
18 828 9.27 0010 98E0)
20 .62 2.61 0.005 59E-03
22 9.3 9.50 0027 2.7E02

25 10.24 10.25 L0012 1.2E02
30 10.7 10,67 QAa3s 3I5E.02
35 11.00 10.83 QU087 6.TE-Q02
b 11.14 "t 0.034  34E-02
45 11.20 1.22 0.0M8  1.8E-02
L] 1128 H.ase 004t  43E-02
58 11.30 1.4 0038 J89EL2
SumDella 9.012ZE-07
SabsDaita  0.441266

0O (mgld)

Comparison between Test & Predicted values

% DO_Mss
DO _Pred

o 10 20 30 40 50 890
Time (MIinutes)
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Appandix2

Parlial ackd neutralisation with NaOH

Reactor: Second reactor in chain with rotor and bubble aeration.

Firgt reactor in chain = Feed-on-demand with micro-serean

COD of cells Beta 1.185 gOigCells
So 51 X1 Fi FOz F2 52 X2
Lhieutral  COOIn182 CQDoutl  Calt X1 Harvst 1 Feadl2  Feed2 CODoul2 CaliX2 Wolz w
(g {mgi) {mp) (Uh} - {l/h} {Ih) (mgﬂl {mgA) {1} (mgQA.h}
o] 20805 153 3574 1.108 0632 1.740 1427 3969 43,610 168
2 21377 480 ner 1.410 0.847 1.957 2963 3662 39.410 315
3 21184 451 4080 1.270 1.530 2.800 1001 4720 37.430 549
5 21239 354 2878 1.200 2180 3.380 2268 4510 39.700 620
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Appendix2

Effect of aeration rale on ro

Run No Depth Air rate Rot speed Mo rotors CODIn182  CODouH Cell X1 Harvst F1 Feedp2 Faed2 CODout2 Cali X2 Vol2 o Air Q1 Air 02 % O trans
fm} vivenin) R P.Min {mgA) {mg) {mg) n (i} {lth) mpit} {ma) 1y {mgOMh)  {h) ig0Mm)
19 .80 049 375 2 18248 725 4068 1.062 8.88 9986 6009 2574 1113 529 azrz 754 7ez
20 0.8¢ .49 375 2 16759 1237 4431 1.18 9615 11.00 5291 B4 122 568 3208 760 1258
21 0.80 .74 375 2 16741 1599 4521 0.944 12.951 1390 6395 2868 111 -] 4933 1138 7.85
22 0.80 Q.76 375 2 16622 1345 4039 1,192 11301 12.52 £442 3210 109.2 740 4980 1147 7.05
T 0.80 089 375 2 15347 817 3977 1.084 17.866 1893 84685 2498 110.8 914 6582 1516 6.68
-] c.80 1.00 75 2 15797 1277 1127 3066 13,772 14.84 a614 2834 110.5 on4 6630 1527 6.54
6 .20 100 75 2 15140 2260 2619 1.23 18.032 19.26 6356 anas 109.5 972| 6570 1513 7.03
a 0.80 1.00 375 2 17540 1794 4320 1312 14.508 1582 G164 3493 109.9 910 6504 1518 .59
g 0.90| 1.00 375 2 14842 1428 5187 1.058 12.954 14.01 200% 3828 10,3 981 6818 1524 710
23 0.BO| 1.26) 375 2 16056 1348 1054 1.256 18.407 19.66 5253 3488 108.9 1043 B233 1696 5.99
24 0.80 1.26 375 2 16128 1718 3953 1.164 17.285 18.45 5926 3330 108.9 949 8233 1896 5.45
26 0.80 1.53 376 2 16762 1166 4297 1,184 20.77 2195 6632 e 108.0 1163 9014 2282 5,50
25 ¢.an 1.58, ars 2 18453 1765 33 1,132 17.5 1863 6800 3346 106.7| 4056 8923 22685 493
Appendixd
P Eftect of Dapth on ro
- Run Mo Depth Air rate Rot speed Mo rators CODIn1&2  CODould Cell X1 Harvst Fi Feod(2 Fagd CODout2 Cell X2 Val2 o AirQ Air O2 % O frans
m) {vhv.min) R.P.Min (mam mp/) {mgl} (b} ilihy vh) (mgn) (Mgt U] {mgQnh) (M) Qi)
ar 0.40 iR ] 3rs 2 16159 17ez 2974 1.126 6.115 v.24 €708 2844 559 563l_ 287 757 4.18
] 0.40 0.98 375 2 16841 1708 3380 1.072 6.202 7.a5 5452 3936 66.0 5386, 3293 758 3.4
as D.60 0.99 s 2 16681 e 322 1.414 10.844 12.26 6199 3101 836 800 4966 t144 sS85
1] 0.60 0.98 376 2 17087 15668 aroo 1.236 2.997 1.23 6444 2754 84 .2 816 4951 1140 502
E] 0.80 1.0 Irs 2 L5797 1277 1127 1.066 13.772 14.684 4614 2934 1165, 904 BEX 1527 &54
7 0.80 0.99 s 2 15347 ai2 3971 1.064 17.866 1853 6465 2408 110.8 914 B5B2 1518 650
8| 0.80 1.00 ars 2 7540 1754 4330 1312 14.508 1582 6164 3492 109.9 414q 6504 1519 659
3 1.00 0.92 s 2 158733 1450 4418 1.348 20185 2153 5637 062 134.2| 942 T40E 1706 T.41
4 1.00 092 s 2 15489 1440 430 1.064 24.377 25.44 6756 2830 132.4] 948 7308 1683 T.48
1 1.20 1.10 375 2 15648 1019 4326 0.942 21.568 22.51 3907 25585 1505 1227 2933 288 BOT
2 1.20 1.10 375 2 15916 1752 4160 1.088 27 576 2863 5766 -] 2853 2278 822
Appendix5
Effsct of rotation speed
Run Noy Depth Ajr rate Rotspead  Norolors CODin182  CCDout1 Cell X1 Harvet 3 Feedd2 Fead2 CO0Dout2 Call X2 Vo2 ) Air Q) Air 02 % O trans
{m) (viv.min) R.P.Min (mom {mpA) (mgh) (Vh) i) [CLY (mg/l) imgh) U] {mgOi.hy (M) (gOm)
11 .80 1.00 125 2 14250 1EF 1483 1.052 1045 1.50 4404 3164 109.6 528 B576 1514 a.82
12 0.80 0.99 125 2 16324 3071 2609 1.36 10.219 11,58 579% 3215 110.6 568 6570 1513 £ 15
13 0.80 1.00 250 2 15403 1767 3059 t.222 14,248 15.47 6385 2841 110.2 879 6612 1523 491
14 0.80 140 280 2 16596 1243 4977 1172 9921 11.09 4075 3752 108 8¢ T2Q £518 1501 &1
5 0.80 1.00 ars ? 197 1277 1127 1.066 13772 14 B4 4614 2634 110.5 904 6630 1527 654
& 0.80 1.00 ars 2 15140 2260 2619 1.23 18.032 19.26 5355 3044 109.5 972 6570 1513 7.03
7 .80 0.99 s 2 W47 812 3av? 1684 17865 ig.93 G485 2498 116.8] a4 §582 1518 668
15 0.80 1.00 500 2 17404 1639 45812 1.206 15414 16.62 5642 584 109.6 1020 6576 1514 7.38
16 .80 1.02 500 2 17357 1726 5050 1.076 16,161 17.24 6019 3566 108.2 1017 8622 1525 r.22
37 0.680 102 6525 2 17859 1532 a162 1,154 16.7ES 17.94 8306 3485 107.4 1110 B573 1514 7.8
18 0.80 029 626 2 17554 1829 355 1424 17.188 18.62 6312 3104 1106 1116 68570 1513 B.1&




Appendixb

Efiect of number of redors

Run Na Qepth Alr rale Rot sppad Norotors CODin182 CODout1  GCell X1 Harvet FY Feed(2 Feed2 CODoul2  Cell X2 Vol2 "o Air O Air 02 % Q trans
{m} {v/v.min}  R.P.Min {mgt) {mg/l) {mgh} {i) i) iy {ragil} (mall} 0 {mgOA.h)  {Im) (g/hy}
27 0.80 1.01 35 4] 16574 1260 5Dd4 1,126 7.43 B.56 5954 a2 109.2 430 5618 1524 3.08
28 0.80 1.00 375 0 16856 1864 3838 1,144 8.91 10.05 7328 2898 109.9 448 6554 1518 324
29 0.80 1.00 375 1 16086 1448 4648 1.066 $3.927 14.99 6044 M2 110.3 772 6618 1524 5.60
30 0.80 1.00 375 1 16864 1907 3740 1.224 12.765 13.99 6368 3204 0.0 ps:] 6600 1520 527
5 0.80 1.00 3715 2 15797 1277 1127 1.066 1A.772 34.84 4614 2934 140.5] a04 6630 1527 6.59
6 0.80 190 ars 2 15140 2260 2619 1.23 18.032 19.26 5355 3044 100.5 972 6570 1513 7.03
? 0.80 0.99 375 2 15347 812 977 1.064 17.866 18.33 6465 2408 110.8 814 6582 1516 £.68
8 0.80 1.00 375 2 17540 1784 4330 1.392 14.508 15.82 6164 3493 08,9 990} 6554 1519 G.58
9 0.80 1,00 75 2 14842 1428 5187 1.058 12.954 14.01 2002 3820 110.3§ 981 5618 1524 7.10
40 0.80 100 ars F4 15642 1312 5611 0.998 11.985 12.99 2212 4867 110.0 B30 660D 1520 6.01
3 0.80 1.00 s 3 14564 aro e 1.054 14.42 15.47 3943 2885 108.5 918 6570 1513 6.64
32 0.80 100 375 3 15868 998 3125 1.052 12.658 1.7 4369 2923 1068.6 885 6576 1514 6.47
kx] 0.80 0.99 s 4 18528 1475 3441 1.082 13.297 14.34 6355 3026 110.9 741 8537 1517 5.42
34 0.80 098 5 4 16850 1583 3367 1.472 12.643 14.12 6605 Ki¥ ] 111.2 682 6544 1507 5.03
ﬁ Appendix?
Etiect of Call concentralion on ro and viscosily
RunNo  Depth Air rale Rot speed No Impalior CODin142 CODoutt!  Celt X1 Harvst F1 FeedD2 Feed2 CODouvi2  Cell X2 Va2 o Air Q Air O2 % O trans Viscosity
{m (viv.min)  R.P.Min {mgA} {tmgA) {mah) (h} {Im) {IM} {rmgh) {mgn} m (mgOMh) (M) (gO/h) Cenfipaises
43 .40 0.8r s 2 16845 1040 5435 1.188 494 6.13 1511 8368 56.5] 376 3288 157 2.81 562
a6 0.40 0.gr 375 2 16845 1043 5435 1988 501 6.20 1670 8187, 56.5 396 3288 57 Z,QSA §52
&7 0.40 0.97 75 2 18080 $223 5421 1.238 4,292 553 2455 7186 52.0 457 a7 764 341 296
a8 0.40 0.97 ars 2 18080 1223 S421 1.236 4.38 5.62 2334 7416 570 453 mr 764 338 296‘
49 0.40 0.97 s 2 16956 1069 5238 1.064 5185 6.25 2978 5899 56.7 583 3300 760 4.35 106
S50 0.4D 097 ars 2 18965 1069 5238 1.064 5.304 6.37 2688 6174 55.7 504 3300 760 4.43 1061
51 0.4D 0.97 s 2 17188 1185 5762 107 481 5.88 3318 5at0 55.7 606 3300 760 4.52 44
52 0.40 0.97 375 2 17188 1185 5762 107 4684 575 3438 5320 56.7 578 3200 760 43 4
53 0.40 097 ars 2 16688 1225 3501 1.148 4.408 5.55 847 4273 56.9 576 RX3 1) 763 430 27
54 0.40 0.97 75 2 16688 1225 5501 1.146 4.162 531 3697 4289 E8.9 555 3312 763 4.14 27




Apperdix &
Ak dats obtained on decond reactor of senes

Calcutaling miss of oxygen in aIn

Elevalion of Pretodia 1400 m
Temperaivre ngc
% Densily of O i air 23.2 W0

Convert H 10 e Hg (vl 8.30 p 136 Bams el ¥ + 64.770 cmiHg
Density of dry air at given H and T (Rubber Bicke 0,953 kg/m3
Marsx of O in 1 liter of air 0.230 UA air

Oxygen transfer with mechanical aamator
Reacior: Setond reactor in chain with rotor and bubbbe geration,
Firsi reactor In chain = Fead-on-demand wilh micro-screen
OO0 of cells Beta 1.186 gGfgCells
So 51 X1 F1 FG2 F2 52 x2
Run Mo Depth A rate Rl spee Mo impel CODN18 CODout Call Xt Harvel F1 Feedl2 Feed2 CODoutz Cell X2 vol2 o AirQl Aro2 %Cuans
m i [ 1 14,

rd 040 0.08 a5
38 0.40 098 375
n 0.80 100 375
40 0.80 1.00 s
49 1.00 127 475
42 1.00 127 475
43 120 t A7 Sa4
44 120 157 544
a5 040 0.97 s
45 0.40 097 s
47 040 087 s
48 0.40 oca7 s
49 i) a97 375
g0 0.4Q ik-r 3375
51 0.50 ik:rg 75
2 0.40 13-rg 75
53 040 0.97 375
54 .40 0.97 s

16158 72 2074 1.126 &8.115 V.24
16841 1788 3280 +.072 6.2682 7.35
15642 12 5611 0.999 11.038 t2.04
16642 1312 5611 0.9%8 11685 1299
10246 1500 5390 1.026 2043 47
18248 1500 5308 1.036 19909 2085
17609 1482 4855 ti4 24832 2588
17609 1482 4856 144 24049 2518
16845 1040 5436 1.188 4.94 613
16845 1040 5435 1.188 501 6.20
18080 223 21 1.236 4,292 553
18080 1223 8421 1.236 4.38 5.62
16956 1088 5238 1.064 5.185 8.25

287 75T 413
3283 758 3%
BE0O0 1520 570

a0 297 Q.0
a0 97 asa
10786 2484 .03
10786 2484 6.52
J2e8 757 281
3268 757 295
37 764 34
317 764 338
330G 760 435
3300 160 443
3200 760 4.52
330G 768 431
3Nz 763 430
M2 783 414

17188 1185 5782 1.07 4.81 5.88
17188 1185 5762 1.07 4.684 575
16652 1225 5501 1.145 4408 555
16388 1225 501 1.145 4182 5

1 E . X
2 120 1.10 75 <2 1536 1762 1160 1058 27576 2883 5768 27 1494 1250 9853 2278 B
| 1.0 092 s 2 1513 1450 4418 1.348 201186 2183 5637 3062 1342 B4 7dDB 1706 T4
4 100 0.82 5 2 15489 1440 3430 10684 24377 2544 ] 2830 1324 48 e 1582 T45
5 0.80 1.00 N5 2 i57ev 1277 127 1.086 13.772 14.84 4614 288 1105 504 8630 1527 6.54
[ 0.80 1.00 s 2 15140 2280 2619 1.23 18.032 19.26 5355 3044 1085 972 8570 1512 .03
7 0.80 0.89 arg 2 15347 812 77 1.064 17.866 1880 6465 2488 1108 14 8582 1516 662
] 0.80 00 375 2 17540 1794 130 132 14.509 1582 61584 3483 088 910 6354 1519 &.59
9 0.80 1.0 75 2 14542 1428 5187 1.0585 12,954 14,01 2002 3829 1103 951 6618 1524 A L]
10 0.80 1.00 375 2 1npe 13 4333 1.188 13,664 14,95 4485 355 108s 1038 8570 1513 151
1 0.80 1.00 125 2 14250 1187 1483 1.082 045 1150 4401 B 1096 520 G576 1514 82
12 0.80 089 125 2 1634 T 2609 1.36 021 159 5799 215 106 Sea 5570 1513 4.15
13 0.80 1.00 250 2 15403 1767 059 1.222 14.248 1547 8385 41 1102 E79 6612 1523 4.9
14 0.60 1.00 250 2 165096 133 4377 1.472 9921 11.00 075 37e2 1086 720 6516 1501 s.21
15 0.80 1.00 00 2 1744 1629 4512 1.208 15.414 16.82 o542 3584 1096 1020 8576 1514 7.8
16 0.80 1.02 500 2 i72e7 1726 5050 1.076 16.161 17.24 B019 3566  108.2 17 6822 1525 T2z
7 0.50 102 €25 2 17859 1532 4162 1.158 16785 17 6306 3488 1074 110 6573 1514 782
18 0,60 038 625 2 17554 18928 3356 1.434 17186 1862 &2 3 HMO0E 1B §570 1543 816
19 0.80 048 5 2 16248 725 4058 1.082 [-: ] 9.96 6092 2574 113 529 azrz 754 T.52
20 0.80 049 s 2 16738 1237 4431 1.18 a5 +1.00 5291 48 1122 566 289 760 8.35
& 0.80 0.7 375 2 1ET4 1528 4521 0.544 12.951 13.90 6285 2868 1111 783 4833 11% T8
2 080 078 375 2 16622 136 4539 1182 11.331 12.52 5442 0 1082 740 4980 1147 7.05
23 0.80 126 ars 2 1g056 1348 1061 1.256 18,407 19.86 5283 348 1089 043 8233 1896 5.99
24 0.80 126 s 2 1820 1718 3953 1.164 17.285 18.45 5926 330 w0es S48 8233 1896 5.45
25 0.80 156 75 PR - 1785 2 1,152 17.5 1RED 5800 M6 1067 1056 992y Z2h 443
26 0.80 153 375 2 gre2 1166 4297 1,984 2077 186 6632 3218 1080 1163 9614 2243 5.80
27 0.80 1.0 ars 9 16574 1280 5044 1.126 743 8.56 G618 1524 .08
28 0.80 1.00 e 0 16856 1664 3906 1.144 K1) 10.05 6504 1519 3.24
29 0.80 100 7s 1 18086 1448 4848 1.066 13827 14.99 6618 1524 5.50
30 0.80 1.00 s 1 1E864 1907 740 1.224 12.765 1399 8800 1520 5.27
3 0.80 1.00 k23 3 14584 870 3118 1.054 14.42 15,47 B570 1513 6.64
32 0eo 1.08 375 1 15868 ) 3125 1.052 126538 1371 685756 1514 &.47
X ] 0.20 058 75 4 16526 1475 2441 $.082 13.257 14,34 6587 1517 5.42
4 0.80 0.88 ri-] 4 16960 1583 3367 1.472 12643 1412 6544 1507 5.03
35 .50 099 s 2 16681 1480 322 1414 10,844 1226 4966 1144 5.85
3% 0.&0 0.98 s 2 1087 1596 vee 1.23G 9997 11.23 4851 1140 6.02
2
2
2
2
2
2
2
2
2
2
2
2
2
2
2
2
2
2
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