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ELECTRODIALYSIS OF SALTS, ACID AND BASES

BY ELECTRO-OSMOTIC PUMPING

EXECUTIVE SUMMARY

Electro-osmotic pumping (EOP) is a variant of conventional electrodialysis (ED) that should be suitable

for concentration/desalination of saline waters. In EOP, brine is not circulated through the brine

compartments, but is evolved in a closed cell. Brine enters the cell as electro-osmotic and osmotic

water and leaves the cell by electro-osmotic pumping. This leads to very high concentration factors

(high brine concentration) and thus high recovery of product water and small volume of brine to be

disposed of. The relatively simple design of an EOP-ED stack and the possibility that an EOP-ED stack

may be cheaper than conventional ED are the major advantages of EOP-ED.

Electro-osmotic pumping of sodium chloride solutions has been described in the literature. Water and

salt fluxes were studied through ion-exchange membranes as a function of current density and feed

concentration and mathematical models were developed to describe the experimental data. It has been

reported that current efficiency determined in EOP experiments was close to the value expected from

transport number determinations when sodium chloride solutions were electrodiatyzed. It has also been

reported that apparent transport numbers gave a lower estimate of current efficiency in ED. However,

only results for sodium chloride solutions and one commercially available ion-exchange membrane, viz.

Selemion AMV and CMV were reported. It would be very useful if membrane performance for

concentration/desalination applications could be accurately predicted from transport numbers obtained

from simple potential measurements. Information in this regard for ion-exchange membranes to be

used for saline, acidic and basic effluent treatment, is insufficient.

A sealed-cell ED (SCED) laboratory stack (EOP-ED stack) was also developed and evaluated for

desalination/concer. .ation of sodium chloride solutions. However, a membrane type that is not

commercially available, viz., polysulphone based membrane, has been used in the SCED studies. Only

desalination/concentration of sodium chloride solutions has been reported in the studies. Saline, acidic

and alkaline effluents frequently occur in industry. These effluents have the potential to be treated with

EOP-ED for water and chemical recovery and effluent volume reduction. No information, however,

could be found in the literature regarding EOP characteristics (brine volume, current efficiency, electro-

osmotic coefficients, etc.) of membranes suitable for EOP-ED of acidic and alkaline solutions. Little

information is also available in the literature regarding EOP characteristics of membrane types to be

used for EOP-ED of saline solutions. Consequently, information regarding EOP characteristics of

commercially available ion-exchange membranes suitable for saline, acidic and basic effluent treatment



is insufficient and information in this regard will be necessary to select membranes suitable for EOP-ED

of saline, acidic and basic effluents. No information also exists regarding the performance of an EOP-

ED stack for concentration/desalination of industrial effluents.

Much information, on the other hand, is available in the literature regarding electro-osmosis in general

and factors affecting water transport through ion-exchange membranes. Much information is also

available in the literature regarding concentration/desalination of saline solutions and saline industrial

effluents with conventional ED and electrodialysis reversal (EDR). Conventional ED and EDR, however,

are established processes for water and wastewater treatment. These processes are applied with

success for water and wastewater treatment.

The objectives of this study were therefore to:

a) consider and fully document the relevant EOP-ED and ED theory;

b) study the EOP-ED characteristics (transport numbers, brine concentration, current efficiency,

current density, electro-osmotic coefficients, etc.) of commercially available and other

membranes in a single cell pair (cp) with the aim of identifying membranes suitable for

EOP€D;

c) develop a simple method and to evaluate existing models with which membrane performance

for concentration by EOP-ED can be predicted;

d) evaluate EOP-ED for industrial effluent treatment in a conventional ED and in a sealed-cell ED

(SCED) membrane stack.

A conventional ED membrane stack which was converted into an EOP-ED stack performed

satisfactorily for concentration/desalination of sodium chloride-, hydrochloric acid- and caustic soda

solutions. Dialysate concentrations of less than 500 mg/{ could be obtained in the feed water and cell

pair voltage ranges from 1 000 to 10 000 mg/c and 0,5 to 4,0 V/cp. Small brine volumes were

obtained. Brine volume varied between 1,5 and 4,0%; 2,4 and 7,8%; and between 2,3 and 7,3% in

the case of sodium chloride-, hydrochloric acid- and caustic soda solutions (1 000 to 5 000 mg/P feed).

Current efficiency was high. Current efficiency varied between 75,2 and 93,6%; 29,2 and 46,3%; and

between 68,9 and 81,2% when sodium chloride-, hydrochloric acid- and caustic soda solutions were

electrodialyzed, respectively. Low electrical energy consumptions were obtained. Electrical energy

consumption was less than 2,5 kWh/m3 product for sodium chloride solutions in the 1 000 to 3 000

mg/0 feed concentration range: approximately 0,2 kWh/m3 product at 1 000 mg/p hydrochloric acid

feed concentration; and between 0,4 and 2,2 kWh/m3 product for caustic soda in the 1 000 to 3 000

mg/e feed concentration range. Water yield increased with increasing cell pair voltage and increasing

linear flow velocity through the stack and decreased with decreasing feed water concentration. It would



be advantageous to operate an EOP-ED stack at the highest possible linear flow velocity.

Sealed-cell ED should be very effectively applied for concentration/desalination of relatively dilute {500

to 3 000 mg/i TDS) non-scaling forming salt solutions. Product water with a TDS of less than 300

mg/d could be produced in the feed water concentration range from 500 to 10 000 mg/j TDS.

Electrical energy consumption of 0,27 to 5,9 kWh/m3 product was obtained (500 to 3 000 mg/e feed

water concentration range). Brine volume comprised approximately 2% of the initial feed water volume.

Therefore, brine disposal cost should be reduced significantly with this technology. Sealed-cell ED

became less efficient in the 5 000 to 10 000 mg/( TDS feed water concentration range due to high

electrical energy consumption (3,3 to 13,0 KWh/m3 product). However, SCED may be applied in this

TDS range depending on the value of the product that can be recovered.

A relatively concentrated ammonium nitrate effluent (TDS 3 600 mg/{) could be successfully treated

with SCED. Brine volume comprised only 2,8% of the treated water volume. Electrical energy

consumption was determined at 2,7 kWh/m3 product. Both the brine and the treated water should be

reused in the process. Membrane fouling, however, may affect the process adversely and this matter

needs further investigation. Treatment of scale forming waters will affect the process adversely because

scale will precipitate in the membrane bags which cannot be opened for cleaning. Membrane scaling

may be removed by current reversal or with cleaning solutions. However, this matter needs further

investigation. Scale forming waters, however, should be avoided or treated with ion-exchange or

nanofiltration prior to SCED treatment.

Sealed-cell ED has potential for treatment of relatively dilute (< 3 000 mg/e TDS) non-scaling waters

for chemical and water recovery for reuse. However, high TDS waters (up to approximately 16 000

mg/p) should also be treated depending on the value of the product that can be recovered. The

successful application of SCED technology seems to depend on the need to apply this technology in

preference to conventional ED for specific applications where high brine concentrations and small brine

volumes are required. Capital cost of SCED equipment should be less than that of conventional ED

due to the simpler design of the SCED stack. The membrane utilization factor of 95% is much higher

than in conventional ED (approximately 80%).

Electro-osmotic pumping studies in a single cell pair have shown the following:

Brine concentration increased with increasing current density and increasing feed water concentration

and levels off at high current density dependent on the electro-osmotic coefficients of the membranes.

Current efficiency was nearly constant over a wide range of current densities and feed water

concentrations in the case of the Selemion- (salt and acid concentration) and Raipore membranes (satt



concentration). However, all the other membranes showed a slight decrease in current efficiency

indicating that the limiting current density was exceeded. Water flow through the membranes (salt and

base concentration) increased with increasing current density and increasing feed water concentration.

Increasing water flow increased current efficiency significantly, especially in the case of the more porous

heterogeneous membranes. It will therefore not be necessary for membranes to have very high

permseiectivities (> 0,9) for use in EOP-ED. Consequently, water flow through ED membranes also

has a positive effect in ED and this effect is often neglected. The electro-osmotic coefficients decreased

with increasing feed water concentration until a constant value was obtained at high current density.

Osmotic flow in EOP-ED decreased with increasing current density while the electro-osmotic flow

increased relative to the osmotic flow. Osmotic flow contributes significantly to the total water flow in

EOP-ED. Membrane perm selectivity decreased with increasing brine and feed concentration and

increasing concentration gradient across the membranes.

Selemion AMV and CMV and ionac membranes; Selemion AAV and CHV and the newly developed

Israeli ABM membranes; and Selemion AMV and CMV, Selemion AMP and CMV and Ionac membranes

performed well for salt-, acid- and base concentration, respectively. Current efficiencies varied between

62 and 91% (Selemion AMV and CMV); 34 and 60% (ABM-3 and Selemion CHV); and between 47

and 76% (Selemion AMV and CMV) for salt-, acid- and base concentration, respectivety, in the feed

water concentration range from 0,05 to 1,0 mol/f.

A simple membrane potential measurement has been shown to function satisfactory to predict

membrane performance for salt-, acid- and base concentration. Membrane performance could be

predicted with an accuracy of 10; 20 and 20% and better for salt-, acid- and base concentration,

respectively. Brine concentration could be predicted satisfactorily from apparent transport numbers

and water flows. Maximum brine concentration, cb
m3X, could be predicted satisfactorily from two simple

models.

The correct Onsager relationships to be used for potential measurements and for the transport number

are at zero current and zero volume flow, and at zero concentration gradient and zero volume flow,

respectively. In practical ED, measurements are conducted at zero pressure and in the presence of

concentration gradients and volume flows. These factors will influence the results considerably in all

systems in which volume flow is important and where the concentration factor is high as encountered

in EOP-ED. In measurement of membrane potential, the volume flow is against the concentration

potential and in general will decrease potential. In ED water flow helps to increase current efficiency,

but the concentration gradient decreases current efficiency.

Models describe the system satisfactorily for concentration of salt, acid and base solutions. Brine

iv



concentration approached a limiting value (plateau) at high current density independent of current

density and dependent on the electro-osmotic coefficients of the membranes. A constant slope

(electro-osmotic coefficient) was obtained when water flow was plotted against current density. Straight

lines were obtained when cell pair resistance was plotted against the specific resistance of the diatysate.

Current efficiency increased with increasing flow of water through the membranes and decreased when

the concentration gradient was high and the apparent transport numbers were low.

The contract objectives have been achieved in this study. It was shown that:

a) EOP-ED should be effectively applied for concentration/desalination of relatively dilute (< 3 000

mg/£ TDS) non-scaling waters for chemical and water recovery and effluent volume reduction;

b) a simple membrane potential measurement should be effectively used to predict membrane

performance for potential salt-, acid- and base concentration/desalination applications;

c) commercially available and other membranes could be identified which would be suitable for

salt-, acid- and base concentration/desalination with EOP-ED and conventional ED;

d) water transport in ED not only has a negative effect on process performance, but also has a

significant positive effect on process performance by increasing current efficiency - an aspect

which is neglected in ED;

e) it will not be necessary for membranes to have very high permselectivities in EOP-ED because

efficiency will be increased with an increasing feed concentration or increasing water flow

through the membranes;

f) in measurement of membrane potential the volume is against the concentration potential and

in general will decrease potential;

g) in ED water flow helps to increase current efficiency, but the concentration gradient decreases

current efficiency;

h) existing models for salt concentration describe the system satisfactorily for acid- and base

concentration.

The relevant EOP-ED and ED theory were also fully documented.

This report offers the following to potential users of ED technology:

a) it identifies membranes and membrane characteristics suitable for salt-, acid- and base

concentration with EOP-ED and conventional ED;

b) it describes a simple method that can be used to evaluate membrane performance for salt-,

acid- and base EOP-ED and conventional ED applications;

c) it demonstrates how existing models can be used to predict membrane performance for salt-,

acid- and base concentration/desalination;



d) it describes and explains relevant EOP-ED and ED theory;

e) it shows how membranes can be characterized;

f) it highlights potential ED applications.

The following actions will be taken as a result of this study:

a) the simple membrane potential method that was developed in this study to predict membrane

performance for potential salt-, acid- and base concentration/desalination applications would

be used to predict membrane performance of other commercially available and newly

developed membranes;

b) EOP-ED in a conventional ED stack will be evaluated for metal and water recovery from

electroplating effluents;

c) EOP-ED and conventional ED will be evaluated for potential salt-, acid- and base

concentration/desalination applications in industry;

d) several publications will be written and submitted to refereed journals;

e) a PhD thesis will be submitted to the University of Pretoria.

The following recommendations can be made as a result of this study:

a) EOP-ED and ED technology should be more exploited for industrial effluent treatment for

chemical and water recovery and effluent volume reduction;

b) An EOP-ED membrane stack should be constructed from materials (gaskets, spacers,

electrodes) available in South Africa for subsequent testing as an effluent concentrator;

c) EOP-ED should be evaluated for metal and water recovery from electroplating effluents;

d) EOP-ED and conventional ED should be evaluated for acid and caustic soda recovery from

industrial effluents;

e) heterogeneous membranes should be made and the EOP-ED characteristics should be

determined;

f) EOP-ED of other commercially available membranes should also be evaluated;

g) existing models should be tested on other commercially and newly developed membranes.
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1. INTRODUCTION

Electro-osmotic pumping (EOP) is a variant of conventional electrodialysis (ED) that should be

suitable for concentration/desalinationof saline waters1'1. In EOP, brine is not circulated through

the brine compartments, but is evolved in a closed cell. Brine enters the cell as electro-osmotic

and osmotic water and leaves the cell by electro-osmotic pumping. This leads to very high

concentration factors (high brine concentration) and thus high recovery of product water and

small volume of brine to be disposed of. The relatively simple design of an EOP-ED stack, the

possibility that an EOP-ED stack may be cheaper than conventional ED and the small brine

volume produced, are the major advantages of EOP-ED"1.

Electro-osmotic pumping of sodium chloride solutions has been described by Garza(1); Garza

and Kedem(Z); Kedem etal.|3); Kedem and Cohen141 and Kedem and Bar-On|5). Water and salt

fluxes were studied through ion-exchange membranes as a function of current density and feed

concentration and mathematical models were developed to describe the exoerimental data11'.

Kedem has reported that current efficiency determined in EOP experiments was close to the

value expected from transport number determinations when sodium chloride solutions were

electrodialyzed'51. Kedem has also reported that apparent transport numbers gave a lower

estimate of current efficiency in ED121. However, only results for sodium chloride solutions and

one commercially available ion-exchange membrane, viz. Selernion AMV and CMV were

reported. It would be very useful if membrane performance for concentration/desalination

applications could be accurately predicted from transport numbers obtained from simple

potential measurements. Information in this regard for ion-exchange membranes to be used

for saline, acidic and basic effluent treatment, is limited.

A sealed-cell ED (SCED - membranes are sealed together at the edges) laboratory stack

(EOP-ED stack) was also developed for evaluation of desalination/concentration of sodium

chloride solutions13"5|. However, only one membrane type that is presently not commercially

available, viz., polysulphone based membranes, have been used in the SCED studies. Only

desalination/concentration of sodium chloride solutions has been reported in the studies.

Saline, acidic and alkaline effluents frequently occur in industry. These effluents have the

potential to be treated with EOP-ED for water and chemical recovery and effluent volume

reduction. No information, however, could be found in the literature regarding EOP

characteristics (brine volume, current efficiency, electro-osmotic coefficients, etc.) of membranes

suitable for EOP-ED of acidic and alkaline solutions. In addition, little information is available

in the literature regarding EOP characteristics of membrane types to be used for EOP-ED of

saline solutions. Consequently, information regarding EOP characteristics of commercially



available ion-exchange membranes suitable for saline, acidic and basic solution treatment is

insufficient and information in this regard will be necessary to select membranes suitable for

EOP-ED of saline, acidic and basic effluents. In addition, no information exists regarding the

performance of an EOP-ED stack for industrial effluent treatment. Information on the theory of

EOP-ED and ED is scattered throughout the literature'1 5 B 19) and is not well documented in

any single publication.

Much information, on the other hand, is available in the literature regarding electro-osmosis in

general and factors affecting water transport through ion-exchange membranes15 2O3ai. Much

information is also available in the literature regarding concentration/desalination of saline

solutions and saline industrial effluents with conventional EDlS 7•33"37) and electrodialysis reversal

{EDR)!81. Conventional ED and EDR, however, are established processes for brackish

water desalination and to a lesser extent for wastewater treatment. These processes are

applied with success, especially for brackish water treatment for potable uset& 9i 38 39).

Conventional ED and EDR, however, have the potential to be applied more for industrial effluent

treatment.

The objectives of this study were therefore to:

Consider and document the relevant EOP-ED theory properly;

Study the EOP-ED characteristics (transport numbers, brine concentration, current

density, current efficiency, electro-osmotic coefficients, etc.) of commercially available

ion-exchange and other membranes in a single cell pair with the aim to identify

membranes suitable for saline, acidic and alkaline effluent treatment;

Determine whether membrane performance can be predicted effectively from simple

transport number determinations and existing models;

Study EOP-ED of saline solutions in a conventional ED stack;

Study EOP-ED of saline solutions and industrial effluents in a SCED stack.



LITERATURE SURVEY

2.1 Electro-osmotic Pumping of Salt Solutions with Homogeneous Ion-Exchange

Membranes

Garza111 and Garza and Kedern'2' have described electro-osmotic pumping of salt

solutions with homogeneous membranes in a single cell pair. Brine concentrations,

volume flows and current efficiencies were determined at different current densities (0 -

60 mA/cm2) for three different sodium chloride feed water concentrations (0,01; 0,1

and 0,5 mol/t). Seiemion AMV and CMV and potyethylene-based membranes,

however, were the only membranes used.

It was found that model calculations described the system in an appropriate way. The

results predicted important results such as:

a) approaching of a limiting (plateau) value of the maximum brine concentration

(cb
max) as the current density is increased;

b) dependence of cb
mm on the electro-osmotic coefficient (EOC) of the

membranes;

c) approaching of a limiting value (plateau) of current efficiency (ep) at high

current density (below its limiting value);

d) approaching of a constant slope for curves of volume flow (J) through the

membranes versus effective current density (leff).

It was experimentally found 11 2) that graphs of brine concentration (cb) versus current

density levelled off at high values of current and that cb approached a maximum

plateau, cb
max, which depended only on the electro-osmotic coefficients (p) of the

membrane pair (cb
ma* = Vs Fp). The smaller the ratio between the osmotic and electro-

osmotic water flows, the smaller the current necessary to reach this plateau.

Graphs of volume flow versus effective current density became straight lines at high

values of the current. The electro-osmotic and osmotic coefficients could be

determined from the slope and the intercept of the lines, respectively. The results have

agreed quite well with values obtained from a standard method1" which is very time

consuming.

The average value of the apparent transport number for the different membrane pairs



(At's) was determined from the membrane potential for a concentration difference

similar to that obtained in the EOP experiments at high current densities21. It was

found to give a good (lower) estimate of the actual Coulomb efficiency of the process

at a saft concentration of 0,1 mol/f. However, no resutts at higher or lower

concentrations were reported. Selemion AMV and CMV ion-exchange membranes

were the only commercially available membranes used.

The maximum brine concentration, cb
maj, was predicted from the following two

relationships'2':

1
a) cb

ro" - 2(SF and (2.1)

b) cb
ma* = c6 (1 + Josm/JekJ9m) (2.2)

(Note: J = J05m + Jetosm).

Good correlations between the two methods were obtained with the membranes and

the saft solutions used.

The EOP results have shown that with appropriate membranes and control of

polarization, EOP may be used as a good alternative to conventional ED for

desalination/concentration of saline solutions. Laboratory scale EOP experiments may

also be conducted as an alternative and convenient way of determining osmotic and

electro-osmotic coefficients.

Experimental results were obtained for non-porous membranes. Current efficiencies

were in the range of 60 - 85%. It was suggested by Garza111 that a current efficiency

of 90% could be obtained with a porous ion-exchange membrane. However, no other

resutts were reported.

Most of the energy consumption in the EOP system will take place in the dialysate

compartments1'1. Therefore, to reduce it and to suppress concentration polarization,

it would be advisable to combine the membranes with open dialysate compartments

containing ion-conducting spacers.

It was suggested by Garza'1' that EOP would have the following advantages in relation

to conventional ED when used for desalination:

a) the capital cost of the equipment would be decreased due to the simpler



construction of the unit-cell stack compared to the conventional plate-and-

frame stack;

b) the membrane utilization factor in the membrane bags could be about 95%

compared to about 70 to 75% for membranes in conventional ED stacks;

c) higher current densities would be possible in unit-cell stacks because of the

higher linear flow velocities that could be obtained. These higher current

densities would result in higher production rates;

d) there would be a decrease in brine volume, and as a consequence, less brine

disposal problems.

The onty disadvantages could be the fact that more electrical energy per unit of

product water would be experienced in the unit-cell stack because higher current

densities were used. However, the increased cost for electrical energy would be more

than off-set by the decrease in the cost of membrane replacement and amortization of

the capita! investment, according to Garza01.

No information could be found in the literature regarding EOP characteristics (brine

concentration, current efficiency, electro-osmotic coefficient, etc.) of membranes for

acid and alkaline solution treatment in a single cell pair similar to that described for

saline solutions.

2.2 Electro-Osmotic Pumping of Saline Solutions in a Unit-Cell Stack

The so-called unit-cell stack was described by Nishiwakii6) for the production of

concentrated brine from seawater by ED. It consisted of envelope bags formed of

cation- and anion-exchange membranes sealed at the edges and provided with an

outlet, alternated with feed channels. The direction of volume flow through the stack

was such to cause ionic flow into the membrane bags. The only water entering the

bags was the electro-osmotic water drawn along with the ions plus the osmotic flow

caused by the higher pressure of the brine compared to the feed. This variant of ED

is called electro-osmotic pumping (EOP) and is used for production of concentrated

brine from seawater for salt production.

A simple sealed-cell ED stack (SCED) was described by Kedem et al.'3) in 1978. This

cell consisted of thermally sealed polyethylene based membranes (21 bags, 5 x 9 cm).

The membranes were not very selective at high salt concentration. It was found that

smooth continuous operation was obtained with stable voltage and pH in the



concentration range from 0,01 to 0,04 mol/t and current densities from 5 to 20

mA/cm2,

Kedem and Cohen'4' have described the performance of a laboratory SCED unit for

desalination/concentration of sodium chloride solutions. Heterogeneous ion-exchange

membranes were used. The selectivity of these membranes, however, were lower than

that of commercially available membranes. Nevertheless, it was demonstrated that

various sodium chloride feed concentrations could be desalinated effectively. The

results are shown in Table 2.1.

Table 2.1: Desalination of sodium chloride solutions at various cell pair

voltages.

mg/J

2 670
1 910
1 570
1 910

CproHMa

mg/J

810
320
570
540

Output

m°
m^day

3,25
1,86
2 60
1.62

Energy
Consumption

kWh
m*

1,55
1,33
0.56
0.54

C M .

mg/j

82 780
60 610
45 800
46 040

Recovery

%

98
97,3
97,8
97

Volt

1
1

0,72
0,5

d,,

mm

1.13
1,13
1,07
0,82

feed concentration
product concentration
brine concentration
cell pair voltage
effective thickness of dialysate compartment (polarization factor).

Product water yield (output), electrical energy consumption, brine concentration, cb,

water recovery, cell pair voltage, Vcp, and the polarization factor (deff) are also shown

in Table 2.1.

Kedem and Bar-ont5) have reported results on the desalination of sodium chloride

solutions with a SCED stack using heterogeneous ion-exchange membranes. The

results are shown in Table 2.2.



Table 2.2: Desalination of sodium chloride solutions at a linear flow velocity

of 14,4 cm/s.

0,9

0,7

0.5

mg/f

2 200
1 500
1 000

2 100
1 500
1 000

2 500
1 500
1 000

mg/f

100
500
300

100
500
300

500
500
300

Energy
consumption

kWhr/m3

1.01
0,51
0.35

0,80
0.39
0,27

0.53
0,27
0,19

Output
rr^/day

1,41
3,68
3,62

1,16
3.06
3.05

1,22
1.95
2.62

ne

%

77.0
76,5
79,5

78
78,5
77

80
80
80

cb

•ng/f

68 390

59 620

60 200

mm

1.24
1.10
0.85

0,97
0,83
0,80

0,88
0.71
0,50

cell pair voltage
feed concentration
product concentration
curreni efficiency
brine concentration
effective thickness of dailysate compartment (polarization factor)

The current efficiency (nc) is shown for varying cell pair voltages and feed water

concentrations. It was mentioned by Kedem and Bar-oniS) that the perrnselectivity of

the ion-exchange membranes that were used decreased substantially at high salt

concentration. This, however, is not reflected in the data on the current efficiency that

was obtained in the SCED stack (Table 2.2). It appears therefore, according to Kedem

and Bar-on, that electro-osmosis contributes to salt transfer and helps to maintain

current efficiency.

At constant cell pair voltage (Vcp), polarization is nearly constant and plots of cell pair

resistance (Rcp) versus specific resistance of the dialysate (p) give straight lines in a

rather wide concentration range151. As shown in Figure 2.1, this is not true for the

whole range covered. Polarization decreases slightly with increasing current. For the

estimated effective thickness of the dialysate compartment. deff, this is approximated

by straight lines for parts of this range.
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Figure 2.1: Apparent resistance per cell pair as a function of the specific resistance

of the diatysate solution. Vcp - 0,7 V.

Membrane potentials and ohmic resistance for a pair of membranes are shown in

Table 2.3. Membrane potentials were measured with calomel electrodes between

stirred cells. Column 4 shows the potentials for ideal permselectivity (absolute values).

Membrane resistance (AC) was measured in 0,5 and 0,1 mo!/{ sodium chloride

solutions.

Table 2.3: Membrane potential and ohmic resistance of a heterogeneous cation-

exchange membrane (c) and a similar anion-exchange membrane (a)

Solutions

NaCI

mol/f

0,02/0,04
0,1/0,2
0.5/1,0
1,0/2,0

0,02/1,0

Membrane Potential

*•••

mV

5.6
14,8
13,2
12,4
80,0

A*m*

|mV|

14,9
14.4
11,9
11,1
72.6

mV|

16,7
16,3
16,8
18,2
93.0

A* ' + lAt/l
2A+J"

%

91
89
75
64
82

Solution
Concentration

NaCI

moi/(

0,5
0,1

Membrane
Resiiance

C

QcmJ

9,5
37,1

A

Clem7

9,8
26.6

membrane potential of cationic membrane
membrane potential of anionic membrane
membrane potential for ideal permselectivity



2.3 Electro-Osmotic and Osmotic Flows

Electro-osmosis of different salt, acid and alkaline solutions have been studied

extensively through a wide variety of membranes'5' * ?7> 2fJ •** *°'4T).

Brydges and Larimer1201 showed that when current density is varied, water transport

number can:

a) increase at low current density because osmotic water flow has been

superimposed on water transport by the electric field;

b) decrease at higher current density because of accumulation of salt in the

membrane;

c) decrease more at current densities near or above the limiting value because

of an increased contribution of hydrogen and hydroxide ions to transport.

These phenomena arise from a combination of diffusion (film) at both the

membrane-solution interface and from the dependence of counter-ions and

water transport numbers on external salt concentration.

Kruissink'2'1 has showed that with Nation 170 membranes under practical conditions

(concentrated alkali (^10 mot/f) and 5 moW sodium chloride), that electro-osmotic

water transport caused the maximum current efficiency to increase from 0,45 (electro-

osmotic water transport number zero) to about 0,75 to 0,80 (at electro-osmotic water

transport number of 1).

Hidalgo-Alvarez et al.[22 have found that at low electric current, the electro-osmotic

coefficient undergoes a sharp elevation. This effect was very similar to that found by

Lakshminarayanaiah(40\ At high electric current the electro-osmotic coefficient tends

toward a constant value. This value depends on the concentration of the solution.

When the concentration increases, the electro-osmotic permeability decreases.

Ceynowa'231 has indicated that the water transport number depends on many factors,

such as experimental conditions (current density, stirring, difference in the

concentration which occurs in the course of electrolysis on both sides of a membrane)

as well as membrane parameters such as cross-linking, water content, ion-exchange

capacity. Consequently, the resulting water transport number may sometimes be

questionable and its properties complex.
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The decrease of the water transport number with an increase in concentration of the

external solution is usually given as the main non-controversial property'23'. However,

Tombalakian et a/.(24) found constant values of the water transport number for the

homogeneous sulphonic acid membranes of high cross-linking and low water content

in hydrochloric acid solution. Demarty et a/.'"1^ stated the same for the heterogeneous

lonac MC 3470 XL membrane in hydrochloric acid solutions. Similarly Oda and

Yawataya'27' reported that in some membranes in the presence of hydrochloric acid

solution the water transport number remained constant at about 1,0 and the hydrogen

ion transfer number only drops from 1,0to 0,99. They also suggested that membranes

deswell with increasing electrolyte concentration.

Ceynowa123' found that the water and ion transport numbers at low sulphuric acid

concentrations were in a wide range (5 - 70 mA/cm2) independent of current density

in the case of the heterogeneous MRF-26 ion-exchange membrane. However, at high

concentration (2,26 mol/kg water) the increase in water transport number with current

density was remarkable. It was also found that the water transport number in the MRF

membrane decreased with increasing concentration (0,5 to 2,0 mol/kg water). With

Nafion-120 membrane the water transport number remained almost constant with

increasing feed concentration.

Rueda et a/.[Z5) stated that the decrease of water transport number with increase in

external salt concentration could be attributed to the decrease of the selectivity of the

membrane. At very dilute solutions, the current is carried by the cations because the

anions are almost completely excluded from the cationic cellulose acetate membrane.

As the external solution concentration increases, the permselectivity of the membrane

decreases. Anions are now present in the membrane and cations and anions

participate in the transport of current across the membrane in opposite directions.

Obviously, water transport will be reduced. An increase of external salt concentration

leads to an increase of charge concentration in the neighbourhood of the matrix and

consequently a decreasing of the electro-osmotic permeability.

Electro-osmotic permeability of several cellulose acetate membranes have been

determined using solutions of alkali-chlorides'251. The electro-osmotic permeability has

been studied as a function of the external electrolyte concentration (0,001 to 0,1 mol/P)

and of current density applied. The results showed that the electro-osmotic

permeability depended on the thickness of the riembranes and the nature of the

cations. The electro-osmotic permeability has been found to be strongly dependent
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on the external salt concentration. However, the electro-osmotic permeability was not

significantly affected by current density.

Tasaka et a/.[S6) have also studied electro-osmosis in charged membranes. At low

electrolytic concentrations the direction of electro-osmosis is the same as that of

counter-ion flow, because most of the movable ions in the membrane are counter-ions.

With increasing external salt concentration the concentration of co-ions in the

membrane increases, and then electro-osmosis decreases. In many instances electro-

osmosis tends towards zero at the limit of high electrolyte concentrations.

Oda and YawatayalS7) have found that the electro-osmotic coefficient of hydrochloric

acid through a cation-exchange membrane remains almost constant over the

concentration range from 0,5 to 4,0 mol/C In hydrochloric acid solutions the electro-

osmotic water transference is merely about one mole water per Faraday through a

membrane.

Narebska et a/.(28) have investigated the isothermal transport of ions and water across

the perfluorinated Nafion 120 membrane in contact with sodium chloride solutions at

a concentration of 0,05 up to 4 mol/f based on irreversible thermodynamics of

transport. It was found that the specific conductivity of the membrane increased at low

external electrolyte concentration. The apparent transport number of the cation

decreased significantly at higher external electrolyte concentration. The electro-osmotic

coefficient also decreased significantly at higher external electrolytic concentration. The

osmotic volume flux, and salt diffusion flux increased with increasing electrolyte

concentration while the hydrodynamic volume flow decreased with increasing

electrolytic concentration. The membrane also deswelled significantly with increasing

electrolyte concentration.

Narebska and Koter'291 have studied the conductivity of ion-exchange membranes on

the grounds of irreversible thermodynamics of transport. They have found that

convection conductivity covers 50 to 55% of the total membrane conductivity and even

more at increased temperature. This means that the flowing water doubles the ability

of the membrane to transport the ionic current. This confirms the substantial role that

water plays in the transport behaviour of a membrane.

Narebska etal.,i20] have performed a detailed analysis of membrane phenomena in the

system Nation 120/NaOHaq. They have determined the phenomenological resistance -
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(r,k) and friction coefficient (f.k). They have found that the resistance imposed by the

membrane on the permeating OH ions is much lower that that for CI ions. The three

factors contributing to this effect - i.e. the frictions imposed by the cation (f21), water

( f j j and the polymer matrix (f2m) - influence the flow of OH and Cr to a different

degree. Chloride ions are hindered mainly by water, especially at increasing sorption.

The flow of OH" ions in diluted solution is hindered by the matrix and, at a higher

concentration, by the cation and then by water.

Considering these results, it is apparent that the easy flow of NaOH results not only

from the high mobility of OH' ions, but also from the low osmotic flux (2 to 3 times less

than in NaCI solutions) opposing the stream of electrolyte and the very low friction of

the OH' ions with water.

The water transport number decreased from 10 mol/Faraday to 2 mol/Faraday over the

concentration range of 0,05 to 4 mol/0. The apparent transport number (Atc) also

decreased significantly with increasing caustic soda concentration.

The transport of aqueous NaCI solutions across the perfluorinated Nafion 120

membrane have been studied on the basis of irreversible thermodynamics by

Narebska et a/.l3T|. The straight resistance coefficients rBl partial frictions flk and diffusion

indexes have been determined.

Since the Donnan equilibrium and TMS theory were published, it is a well known and

documented fact that co-ions are rejected from a charged polymer by the high

potential of the polymer network. It was found by Narebska et a/., that friction of this

co-ion with the charged polymer was not the main force which resisted the flow of

negative ions in the negatively charged polymer network. Except at 289 K and

meKt = 0,5, the anion-polymerfrictional force (2m) was below the friction with water (2w)

and it decreases with increasing electrolyte concentration and temperature. As a

result, at high temperature and msa, the resistance against flowing anions is imposed

by water; the lower the amount of water in the membrane, the higher this resistance.

Koter and Narebska'321 have investigated the mobilities of Na+, CI and OH ions and

water in Nafion 120 membranes. They have found that the interactions of Na* and CI"

ions running in opposite directions are negligible in the whole concentration range

(0,05 to 4 mol/J) studied. However, hydroxide ions impede cations, particularly at

higher external concentrations (high sorption). This fact can be attributed to the higher
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partial friction between Na+ and OH ions caused by the phenomenon called "local

hydrolysis".

The mobility of hydroxide ions exceeds that of chloride ions even more in the

membrane than in the free solution. The mobility of hydroxide ions is much more

sensitive to concentration than that of chloride ions. The mobility of the hydroxide ions

declines much more rapidly than the mobility of the chloride ions. This reflects the

dehydration of the membrane with increasing sorption of an electrolyte.

Kedem and Bar-onl5) have mentioned that the current efficiency (nj for a single

membrane pair was sometimes equal to and even higher than the apparent transport

number of the membrane pair (At) measured with calomel electrodes. According to

them, this is due to the substantial influence of electro-osmotic and osmotic flow into

the brine cells during ED which increase the current efficiency. Both osmotic and

electro-osmotic water flow enters the brine cell through both membranes. It increases

the flows of counter-ions leaving the brine. The total effect of volume flow into a brine

cell is increased salt flow. There will also be a slight influence of osmotic flow on the

potential measurements. This will decrease the potential measurement and therefore

the apparent transport number151.

2.4 Structural Properties of Membrane lonomers

Mauritz and Hopfinger1"21 have described structural properties of ion-exchange

membranes. Common functionalities of ion-exchange membranes are: -SO3; -COO';

-NH3
+; =NH2

+. These hydrophillic groups are responsible for the swelling of the

hydrophobic network of ion-exchange membranes on exposure to water. Swelling of

ion-exchange membranes may be inhibited by the presence of crystalline domains

within the membrane matrix.

The approach to equilibrium for an initially dry ion-exchange membrane (in a given

counter-ion salt form and containing no co-ions) that is subsequently immersed in pure

water, can be visualized in the following way: Although the interaction between the

organic polymer backbone is endothermic and may influence the rate of swelling, the

strongly exothermic tendency of the counter-ions and ionogenic side chains to hydrate

results in having the initially arrived water molecules strongly bound in ionic solvation

shells resulting in little or no volume expansion of the network. In the truly dry state,

the counter-ions are strongly bound by electrostatic forces in contact ion pairs. Further
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uptake of water beyond that which is barely required for maximum occupancy of all the

hydration shells results in moving the association - dissociation equilibrium between

bound and unbound counter-ions toward increased counter-ion mobility, The driving

force for swelling is the tendency for the water to dilute the polymer network. Stated

in precise thermodynamic formalism, the difference between the water activity in the

interior (5, < 1) and exterior (a,, = 1) of the membrane gives rise to a membrane

internal osmotic pressure, n, that results in a deformation of the polymer chain

network:

Hvw = RT In aw (2.4.1)

This equation is a statement of the free energy balance across the membrane - water

interface at equilibrium and that vw the partial molar volume of the internal water

component may, in reality, not be the same as for the bulk water, nor be of a uniform

value throughout the polymer because of local structuring effects.

As the water uptake proceeds, the increased side-chain counter-ion dissociation allows

for more complete ionic hydration. The deformation of the polymer chain network

upon further incorporation of water molecules also proceeds by a shift in the

distribution of rotational isomers to higher energy conformations and changes in other

intra-molecular, as well as inter-molecular interactions. Consequently, the increased

overall energy state, for a given membrane water content of n moles, per equivalent

of resin, is manifested by polymer chain retractive forces that resist expansion of the

network. Accordingly, the configurational entropy decreases as less conformations

become available within the matrix. Eventually, an equilibrium water content, no, is

reached at which the osmotic swelling pressure is balanced by the cohesive energy

density.

A qualitative set of rules that describe the equilibrium water swelling of polymeric ion-

exchangers are as follows according to Mauritz and Hopfinger:

a) Increasing the cross-link density reduces the swelling by decreasing the

average inter-chain separation;

b) Swelling will greatly depend on the pK of the ionogenic groups as well as their

number per unit volume. For example, the equilibrium water uptake for strong

acid resins exceeds that of resins containing the less hydrophillic weak acid

groups;
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c) The nature of the counter-ion can influence swelling in a number of ways.

Firstly, water uptake naturally inc; jases with increasing hydrative capacity of

the counter-ion. In general, for alkali counter-ion forms, the following

progression is noted: Li* > Na" > K* >Rb+ > Cs". Increased valence

reduces swelling by: (i) reducing the number of counter-ions in the resin

through the eiectroneutralrty requirement; (ii) forming ionic cross-links; and

(iii) reducing the hydrative capacities by the formation of triplet associations

such as: -SO3' •••• Ca2* • - SO3-;

d) The internal resin osmotic pressure is enhanced as the association -

dissociation equilibrium between bound and unbound counter-ions shifts to

greater dissociation by allowing for more complete hydration shell formation.

Narebska and Wodzki<<31 have investigated water and electrolyte sorption (sulphuric

acid) in perfluorosuiphonic and polyethylene-poly (styrene sulphonic acid) membranes

of different cross-linking in the temperature range of 293 to 333 K and a concentration

of external electrolyte up to 5,7 mol/kg H2O. As the hydration of the membranes is an

exothermic process, a decrease of swelling with increasing temperature could be

predicted. Also due to the nature of sulphuric acid one could expect dehydration of

the membranes with an increasing concentration of acid. It was found that an increase

of both variables, i.e. temperature and concentration, caused deswelling of the

membranes in a higher degree when the cross-linking is lower. Only for the

membranes with a low degree of cross-linking (2 and 5% DVB) equilibrated with diluted

solutions of sulphuric acid, a small increase of swelling is visible at a temperature range

of 293 to 303 K.

Narebska era/,1"1 have studied swelling and sorption equilibria for Nafion membranes

in concentrated solutions of sodium chloride (0 to 6 mol/kg H2O), and sodium

hydroxide (0 to 18 mol/kg H2O), at 293 to 363 K. It was found that significant

deswelling of the membranes took place with increasing electrolyte concentration.

Increasing temperature (above 333 K), also caused a loss of water. Narebska et al.,

have stated that deswelling of a membrane depends on the kind of membrane,

temperature and the nature of the external electrolyte.
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2.5 Measurement of Transport Number

The efficiency with which a membrane transport selectively any particular ionic species

may be inferred by measuring the transport number of the species in the membrane.

Two methods are normally used to determine membrane transport number. They are:

a) the emf method1*31 and;

b) the Hittorf s method'451. In these methods different concentrations of electrolyte

exist on either side of the membrane, even though in the Hittorfs method one

might start initially with the same concentration. Therefore, the transport

number values derived by these methods cannot be directly related to a

definite concentration of the external solution.

Membrane potentials measured using concentrations c1 and c" on either side of the

membrane may be used in the following equation to derive an average transport

number:

E/IW = 2t+ - 1; r+ » (E/E^) + 0,5 (2-5.1)

If Ag-AgCI electrodes immersed in two chloride solutions are used, t+ is derived

from'45':

E = 2t\ , — In *- (2-5.2)

The derived transport number value has been called the apparent transport number

because in this type of measurement water transport has not been taken into account.

This apparent value will be close to the true value when very dilute solutions are used.

In the Hrttorf s method a known quantity of electricity is passed through the membrane

cell containing two chambers filled with the same electrolyte separated by a membrane.

Cations migrate to the cathode and anions migrate to the anode. The concentration

change brought about in the two chambers, which is not more than about 10%, is

estimated by the usual analytical methods. The transport number is calculated from

t, = FJ/I.

The determination of meaningful transport numbers for any membrane-electrolyte

system calls for careful control of a number of factors. The important factors for the
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control of the concentration of the donating or receiving side are1*5':

a) external concentration;

b) current density; and

c) difference in concentration on either side of the membrane.

The effect of current density on the values of I has been demonstrated by Kressman

and Tye1*51 using multi-compartment cells and by Lakshminarayanaih and

Subrahmanyan"57' using simple cells. When external concentrations are small (< 0,1

nrtol/0) an increase of current density decreases T, values. This is attributed to

polarization effects at the membrane-solution interface facing the anode.

The amount of polarization decreases as the concentration is increased. When the

external concentration is 0,1 mol/0, tj exhibits a maximum at a certain current density

below which the ~ values decrease as the current density is decreased and above

which also " values decreased as the current density is increased. The decrease as

the current density is lowered is attributed to back diffusion of the electrolyte1"71.

When external concentrations > 0,1 mol/f are used, polarization effects are negligible

but back diffusion becomes dominant. As the quality of back flux due to diffusion is

determined by the concentration differences allowed to build-up during electrodialysis.

it should be made as small as possible to derive meaningful values for %

2.6 Transport Properties of Anion Exchange membranes in contact with Hydrochloric

Acid Solutions. Membranes for Acid recovery by Electrodialysis

Boudet-Dumy et al.[AB) have recently investigated chloride ion fluxes through Selemion

AAV and ARA Morgane membranes specially designed for the recovery of acids by

ED. In addition, measurement of the electrical conductance of the membranes and of

the amount of sorbed electrolyte (HCI), at equilibrium, have been carried out. The

analysis of the results suggested a low dissociation degree of acid present in the

membrane. The lower dissociation of sorbed acid is a factor which decreases the

proton leakage of the anion-exchange membrane. It was also shown that the flux of

chloride ions from the anode to the cathode steadily increased as the amount of

sorbed electrolyte increased. This result means that chloride ions are associated with

the movement of positively charged species. This fact may be due to the formation of

an aggregate form such as (H40CI)T resulting from the solvation of a proton by a water
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molecule and an HCI molecule - ion association inside the membrane overcoming the

state of a neutral HCI molecule. This result confirms the role of ion association in the

membrane.

2.7 Electrodialysis Applications

Electrodialysis applications and potential applications'6 ' s ^ ' 39- ** '62) are widely

discussed in the literature. Electrodialysis is a membrane based separation technique

that is appealing because of its capability to deionize one stream while concentrating

the electrolytes in another stream. Thus, ED produces a purified stream that can either

be discharged or reused, and a concentrated electrolyte stream that can be disposed

of or processed for reclamation of the dissolved salt. Some applications of ED include

desalination of brackish waters'551, desalting of whey and stabilization of wine|57),

purification of protein solutions'581, recovery of metals from plating rinse waters'381,

recovery of acids1-9', recovery of heavy metals from mining mill process'501, and the

treatment of cooling-tower blowdown for water recovery and effluent volume

reduction161'.

When concentration polarization is absent in ED, there are two main causes of the

decrease in current efficiency'62': Co-ion intrusion and counter-ion backdiffusion. Co-

ion intrusion is the passage of co-ions through an ion-exchange membrane from the

concentrate to the diluate, and is due to the electrical potential and concentration

gradients across the membrane. Counter-ion backdiffusion is the backward passage

of counter-ions through an ion-exchange membrane from the concentrate to the diluate

due to a high concentration gradient across the membrane. The effects of counter-ion

backdiffusion can be decreased by increasing stack voltage, that is, increasing the

electrical potential driving force. However, such an increase in stack voltage is limited

by the limiting current density and high energy costs. Co-ion intrusion can be reduced

by using ion-exchange membranes that exclude co-ions to a greater degree.

Kononov et a/.133' have described the removal of hydrochloric acid from waste waters

containing organic products. The possibility was demonstrated of concentrating

hydrochloric acid by ED. The model effluent contained 4,4 g/f hydrochloric acid, 58

g/j sofolene-3 and 20 g/f chlorohydrin. At a current density of 10 mA/cm2 a brine

was obtained containing 51 g/( acid with a current efficiency of 35%. The low current

efficiency is explained by diffusion of acid from the brine into the dialysate and the

decrease in the selectivity of the membranes in contact with concentrated hydrochloric
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acid solution (50 g/f).

Korngold13*' has described the recovery of sulphuric acid from rinsing waters used in

a pickling process. Sulphuric acid was concentrated from 9 100 mg/t to 34 300 mg/c

while the diluate contained 3 700 mg/p sulphuric acid. Approximately 70% of the

sulphuric acid in the rinsing water could be recovered by ED treatment.

Urano et aV3T) have described concentration/desalination of model hydrochloric and

sulphuric acid solutions in a laboratory scale conventional electrodialyzer. Newly

developed Selemion AAV anion-exchange membrane were used. The transport

number for hydrogen ions of this membrane is much smaller than that of conventional

anion-exchange membranes with the result that the acid could be efficiently

concentrated. However, no acid feed and brine concentrations were given.

The concentration of carbonate solutions by ED was reported by Laskorin et a/.l35).

The feed solution had the following composition: sodium carbonate (4 to 7 git);

sodium bicarbonate (4 - 7 g/c) and sodium sulphate (2 to 3 g/(). The total salt

content of the solution did not exceed 15 g/(. The first series of experiments was

carried out with liquid circulation in both the diluating and concentrating compartments.

A linear liquid velocity and a current density of 5 to 6 cm/s and 20 mA/cmi was used,

respectively. The duration of the desalting cycle was 1,5 to 2,0 hour. A fresh portion

of feed was introduced after each desalting cycle. The portion of concentrate

remained unchanged for 10 cycles. MKK cation- and MAK anion selective membranes

were used. The brine concentration was increased from 22.9 g/c at the end of the first

cycle to 87, 8 g/f at the end of the 10th cycle at a current efficiency of 81%. The

diluate concentration at the end of the cycles varied between 0,16 and 0,47 g/(.

A second series of experiments was conducted without circulation of liquid through the

brine compartments. The solvent entered the brine compartments as a result of

electro-osmotic transport through the membranes. The brine salt content reached a

value of 182,8 g/e after 3 cycles. The current efficiency varied between 70 and 75%

and the electrical energy consumption was approximately 2,7 kWh/kg salt. A higher

brine concentration was obtained without circulation of brine through the brine

compartments.

Smagnin and Chukkin:36' have described concentration of caustic soda and sodium
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chloride with ED. Caustic soda and sodium chloride concentrations of 0,07 and 1.07

moi/p, respectively, were chosen as the feed solutions. No circulation of brine was

used in a conventional ED stack. The change of brine concentration in relation to the

current density was determined. MA-40 and MK-40 ion-exchange membranes were

used. Maximum brine concentrations of 346 g/t caustir soda and 365 g/c sodium

chloride were obtained at current densities of 249 and 117 mA/cm2, respectively.
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3. THEORY

3.1 Theories of Membrane Transport

3.1.1 Nernst-Planck and Pseudo-Thermodynamic Treatments

Theories of membrane transport and the application of non-equilibrium

thermodynamics to transport processes have been described by Meares et al.'S).

Many of the earlier treatments of membrane transport use the Nernst-Planck equations

to describe the relationships between the flows of the permeating species and the

forces acting on the system'10'63) according to Meares ef al. According to these

equations the flux J, of species i at any point is equal to the product of the local

concentration c, of i, the absolute mobility u, of i, and the force acting on i. This force

has been identified with the negative of the local gradient of the electrochemical

potential n, of i. Thus, at a distance x from a reference plane at right angles to the

direction of unidimensional flow through a membrane

Jj = -C iu, d j i /dx (3-1 -1-1)

The electrochemical potential of i can be divided into its constituent parts giving in

place of equation eq. (3.1.1.1)

J, = -Cft (RTd to c/dx + RTd «n Yj/dx + Vsdp/dx +• z, Fdijj/dx) (3.1.1.2)

where y,, Vh ztl p, and 4r represent the activity coefficient, the partial molar volume, the

valence charge on i, the hydrostatic pressure, and the electrical potential, respectively.

R is the gas constant, T the absolute temperature, and F the Faraday. It is apparent

from eq. (3.1.1.2) that the Nernst-Planck equations make use of the Nernst-Einstein

relation between the absolute mobility 14 and the diffusion coefficient D, of species i.

This is

(3.1.1,3)
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On replacing the electrochemical mobility in eq. (3.1.1.2) by the diffusion coefficient, the

more usual form of the Nemst-Planck flux equation is obtained according to Meares

etal.

dp + ^ £ i i ) (3.114)
1 I, dx dx RT dx RT dx j

On the basis of the Nernst-Planck equations, the flow of species i is regarded as

unaffected by the presence of any other permeating species except in so far as the

other species either influences the force acting on i by, for example, affecting the

values of y, or i|r, or atters the state of the membrane and hence alters the value of D;.

To obtain relationships between the flows of the permeating species and the

observable macroscopic differences in concentration, electrical potential, and

hydrostatic pressure between the solutions on the two sides of the membrane, it is

necessary to integrate the Nernst-Planck equation (eq. 3.1.1.4) for each mobile

component across the membrane and the membrane/solution boundaries. In order

to carry out this integration an additional assumption has to be made. The differences

between the various treatments derived from the Nernst-Planck equations lie in the

different assumptions used. For example, in the theory of Goldman l63\ which is widely

applied to biological membranes, it is assumed that the gradient of electrical potential

di(f/dx is constant throughout the membrane. It is usually assumed also that

thermodynamic equilibrium holds across the membrane/solution interfaces and that the

system is in a steady state so that the flows J, are constant throughout the membrane.

Generally these integrations do not lead to linear relationships between the flows and

the macroscopic differences of electrochemical potential between the two bathing

solutions.

The main disadvantage of the Nernst-Planck approach according to Meares131 is that

it fails to allow for interactions between the flows of different permeating species. Such

interactions are most obvious when a substantial flow of solvent, usually water, occurs

at the same time as a flow of solute. For example, during the passage of an electric

current across a cation-exchange membrane, the permeating cations and anions both

impart momentum to the water molecules with which they collide. Since the number

of cations is greater than the number of anions, the momentum imparted to the water

by the cations is normally greater than the momentum imparted by the anions and an

electro-osmotic flow of water is set up in the direction of the cation current, The
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resultant bulk flow of the water has the effect of reducing the resistance to the flow of

cations and increasing the resistance to the flow of anions. This flow of water occurs

under the difference of electrical potential and in the absence of a concentration

gradient of water. The appropriate Nernst-Planck equation would predict no flow of

water under these conditions according to Meares et al. Furthermore the flows of

cations and anions differ from those which would be predicted from the respective

Nernst-Plank equations on account of the effect of the water flow on the resistances

to ionic flow.

This effect of solvent flow on the flows of solute molecules or ions can be allowed for

by adding a correction term to the Nernst-Planck equations'91. Thus, it can be written

Ji = ~ciui du /dx + c i v (31.15)

where v is the velocity of the local centre of mass of all the species111. The term c,v is

often called the convective contribution to the flow of i and some authors have

preferred to define v as the velocity of the local centre of volume.

The addition of this convection term to the Nernst-Planck equation for the flow of a

solute is probably a sufficient correction in most cases involving only the transport of

solvent and nonelectrolyte solutes across a membrane in which the solvent is driven

by osmotic or hydrostatic pressure according to Meares et al. The situation is much

more complex when electrolyte solutes are considered according to Meares et al.

Even at low concentrations the flows of cations and anions may interact strongly with

each other. Interactions between the different ion flows may be of similar size to their

interactions with the solvent flow. Under these circumstances the convection-corrected

Nernst-Planck equations may still not give a good description of the experimental

situation regarding the ton flows.

The theoretical difficulties arising from interacting flows can be formally overcome by

the use of theories of transport based on nonequilibrium thermodynamics. Such

theories are described in the next section.

3.1.2 Treatments based on Nonequilibrium Thermodynamics

Since the original papers of Staverman'12' and Kirkwood:6dl, many papers have

appeared on the application of nonequilibrium thermodynamics to transport across

synthetic and biological membranes. In particular, major contributions have been
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made by Katchalsky, Kedem, and co-workers. In view of the appearance of extensive

texts'13- '**, this account is intended only as a brief summary of the general principles.

3.1.2.1 The Phenomenological Equations

The theory of nonequilibrium thermodynamics allows that, in a system where a number

of flows are occurring and a number of forces are operating, each flow may depend

upon every force. Also, if the system is not too far from equilibrium, the relationships

between the flows and forces are linear. Therefore, the flow J; may be written as

follows

where the Xk are the various forces acting on the system and the Llk are the

phenomenological coefficients which do not depend on the sizes of the fluxes or

forces. The flow J, may be a flow of a chemical species, a volume flow, a flow of

electric current, or a flow of heat. The forces Xk may be expressed in the form of local

gradients or macroscopic differences across the membrane of the chemical potentials.

electric potential, hydrostatic pressure, or temperature. If a discontinuous formulation

is used so that the macroscopic differences in these quantities across the membrane

are chosen as the forces, then the L,fc coefficients in eq. (3.1.1.6) are average values

over the membrane interposed between a particular pair of solutions.

Equation (3.1.1.6) imply, for example, that the flow of a chemical species i is dependent

not only on its conjugate force X,, i.e., the difference or negative gradient of its own

chemical or electrochemical potentials but also on the gradients or differences of the

electrochemical potentials of the other permeating species. Hence eq. (3.1.1.6) imply

that a difference of electrical potential may cause a flow of an uncharged species, a

fact which, as previously indicated, the Nernst-Planck equations do not recognize

according to Meares etal. In general, eq. (3.1.1.6) allow that any type of vectorial force

can, under suitable conditions, give rise to any type of vectorial flow.

in a system where n flows are occurring and n forces are operating, a total of rf

phenomenological coefficients L,h are required to describe fully the transport properties

of the system. This must be compared with the n mobilities used in the Nernst-Planck

description of the system. A corresponding number rf experimental transport

measurements would have to be made to permit the evaluation of all the Llk

coefficients.
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Fortunately a simplification can be made wrth the help of Onsager's reciprocal

relationship5131. This states that under certain conditions

The conditions required for eq. (3.1.1.7) to be valid are that the flows be linearly related

to the forces and that the flows and forces be chosen such that

T o = L, JJXJ (3-1-1-8)

where o is the local rate of production of entropy in the system when the X, are the

local potential gradients. The quantity Ja is often represented by the symbol * and

called the dissipation function because it represents the rate at which free energy is

dissipated by the irreversible processes. In fact there is no completely general proof

of eq. (3,1,1.7) but its validity has been shown for a large number of situations114'.

With the help of the reciprocal relationship the number of separate Llk coefficients

required to describe a system of n flows and n forces is reduced from n2 to

y2n (n + 1).

This nonequilibrium thermodynamic theory holds only close to thermodynamic

equilibrium. The size of the departure from equilibrium for which the linear relationship

between flow and force, eq. (3.1,1.6), and the reciprocal relationship, eq. (3.1.1.7), are

valid, depends upon the type of flow considered. Strictly, the range of validity must be

tested experimentally for each type of flow process. In the case of molecular flow

processes, electronic conduction, and heat conduction the linear and reciprocal

relationships have been found to be valid for flows of the order of magnitude

commonly encountered in membranes'65'. In describing the progress of chemical

reactions the relationships are valid only very close to equilibrium. Systems in which

chemical reactions are taking place will be excluded from this discussion.

3,1.2.2 The Choice of Flows and Forces

In an isothermal membrane system the most obvious choice of flows is the set of flows

of the permeating species-solvent, nonelectrotyte solutes, and ions. The conjugate

forces are then the differences or local gradients of the electrochemical potentials of

these species. To accord with eq. (3.1.1.8), in which To must be positive, increasing

potentials in the direction of positive fluxes constitute negative forces. A set of

25



phenomenological equations corresponding to eq. (3.1.1.6) can be written relating the

flows to the forces. The values of the Llk coefficients appearing in these equations

depend on the interactions occurring in the membrane, i.e., on the chemical nature of

the permeating species and of the membrane, on the detailed microstructure of the

membrane, and on the local concentrations of the permeating species.

In principle it should be possible to obtain values for the V?n(n + 1) Llk coefficients by

carrying out a suitable set of Van(n + 1) independent experiments. For example, if all

the forces except one, Xa, were held at zero and the flows Jlt J r etc. of ail the n species

were measured, then the values of the coefficients La> L]a etc. could be obtained

directly. Similar experiments would give the values for the remaining Llk coefficients.

Other sets of experiments may be used, and one may combine experiments where

some of the forces are kept at zero, experiments where some of the flows are kept at

zero, and experiments where some forces and some flows are kept at zero1141.

Although the set of flows and conjugate forces outlined above may seem to be

convenient for the molecular interpretation of the interactions occurring in a membrane

system, the equations written in terms of these flows and forces are not convenient for

the design of experiments for the evaluation of the Llk coefficients. For example, the

forces which are usually controlled experimentally are not differences of electrochemical

potential, but differences of concentratic electrical potential, and hydrostatic pressure.

Also, it may be more convenient to measure the total volume of the flows across a

membrane rather than the flow of solvent, or to measure the electric current and one

ionic flow rather than two ionic flows. For these reasons, sets of practical flows and

forces are often chosen to describe membrane transport'1"1. These practical sets of

flows and their conjugate forces must satisfy the relationship of eq. (3.1.1.8), which

gives the dissipation function.

A system involving the transport of water and a nonelectrolyte solute across a

membrane can be described by giving the flows of water Jw and of solute J3. The

conjugate forces are then the differences, or the local gradients, of the chemical

potentials of water j iw and solute )is. The transport properties of this system are

described by the following equations:
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J w =

(3.1.1.9)

Js =

where according to the reciprocal relationship L,w = U^ and the dissipation function

of the system is given by the expression

O = JwAnw + JgA^s (3.1.1.10)

When considering ideal external solutions the forces A|iw and A^, are often expanded

into separate terms giving the contributions of the concentration differences and

pressure difference to the total driving forces. Thus

A^ w = (RT/cw)Acw)Acw + VwAp

Here Vw is an average partial molar volume of water and cw is an average concentration

of water. When Atiw and A^5 in eq. (3.1.1.10) are expanded in this way and the

resulting concentration and pressure terms are grouped separately the expression for

the dissipation function becomes'50'

$ = JvAp + JD RTAcs (3.1.1.11)

where Jv the total volume flow is equal to (VWJW + VSJS) and JD is equal to (J5/cs - Jw/cw).

JD is sometimes called the exchange flow and represents the apparent mean velocity

of the solute relative to the water. According to eq. (3.1.1.11) the system can be

described in terms of Jv and JD as flows and Ap and RTAcs (or ATCS) as their conjugate

forces. Thus

Jv = LpAp + LpDATis

(3.1.1.12)

where LDp equals LpD and Aits is the difference in osmotic pressure between the

solutions. Experimentally it is easier to control the values of the forces appearing in eq.

(3.1.1.12) than those appearing in eq. (3.1.1.9).
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Similarly a system involving flows of water and a salt dissociated into a cationic species

and an anionic species can be described in terms of the flows Jw J,, and Jz of these

molecular species or by the set comprising the total volume flow, the electric current,

and the defined flow of salt, i.e., Jv, I and J5
l14). In the former case the conjugate forces

are the differences of the electrochemical potentials of the species across the

membrane, in the latter case the conjugate forces are the pressure difference minus

the osmotic pressure difference, the electrical potential difference, and the difference

of the pressure-independent part of the chemical potential of the salt. Care must be

taken in the precise definition of these forces, particularly of the electrical potential

difference1671.

Since the choice of flows and forces is to some extent open as long as the flows and

forces satisfy eq. (3.1.1.8) a set can be chosen primarily for ease of theoretical

interpretation of Llk coefficients or for ease of experimental evaluation of the Lih

coefficients. Furthermore, given values of the L* coefficients relevant to one set of

flows and forces, it is a straightforward operation to calculate the values of Lik

coefficients relevant to another set of flows and forces'671.

It is of course possible and often convenient to describe the transport properties of a

system in terms of flows and forces which are not conjugate and which do not obey

eq. (3.1.1.8). The system where the membrane is permeated by a flow of water and

a flow of a solute can be described in terms of the flow of water Jw, the flow of solute

JSI the pressure difference Ap, and the difference in concentration of the solute RTAc5

or Aits. These flows and forces are interrelated by the equations

Jv = L
P

A P - ° L p A * S

(3.1.1.13)

Js = cs(l - o)Jv + to Ait,

Here LP has the same significance as in eq. (3.1.1.12). a is called the reflection

coefficient of the solute and is equal to AP/ATTS at zero Jv a> is the solute permeability

JS/AIE,, at zero Jv, and cs is the average concentration of the solute in the two

solutions'671.

In practice eq. (3.1.1.13) may be easier to use than eq. (3.1.1.12) because the flows

generally measured are Jv and J5 rather than Jv and JD. However, eq. (3.1.1.13) are not
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a proper set of phenomenological equations in the sense of eq. (3.1.1.6). Neither are

a and w phenomenological coefficients in the sense used so far. They are related to

the Lik coefficients of eq. (3.1.1.12) by the relationships1695.

3.1.2.3 Uses and Limitations of the Theory

The theory of nonequilibrium thermodynamics has been applied to membranes in a

number of papers where the aim has been to obtain general relationships between

observable macroscopic flows and forces. Topics investigated in this way have

included: isotopic tracer flows and flux ratios158'ee), electrokinetic phenomena1701, the

transport properties of complex membranes'"11, and the coupling of transport

processes with chemical reactions, so-called active transport1131. However, the main

concern of these investigations has been the transport of non-electrolyte solutes and

ions across charged and uncharged membranes'1213 **>.

The !_.„ coefficients obtained from experimental measurements of transport phenomena

under one set of conditions can either be used to predict values of flows and forces

under other sets of conditions or they can be analyzed for the purpose of interpreting,

at a molecular level, the various interactions which occur between the permeating

molecules and ions and the membrane material. This second use of the Llk coefficients

is especially interesting but it is by no means simple.

An inspection of any of the sets of phenomenological equations [(3.1.1.6), (3.1.1.9),

(3.1.1,12), and (3.1.1.13)] shows that nowhere is any direct reference made to the

membrane or its properties. The Lk coefficients relate the flows of the permeating

species to the gross thermodynamic forces acting on these species and, in general,

no particular coefficient represents only the interaction of a permeating species with the

membrane. Instead the properties of the membrane material affect the values of each

of the Lk coefficients to a greater or lesser extent.

The physical interpretation of measurements of transport properties is made more

straightforward by inverting the matrix of the phenomenological equations [eq.

(3.1.1.6)] to give the set of eqs. (3.1.1.14)
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X, = i U E k R* Jk (3.1.1.14)

These represent the forces as linear functions of the flows. The R.k and Llk coefficients

of eq's. (3.1.1.14) and (3.1.1.6) are related by the expression

where Alk is the minor of Llk and |L is the determinant of the Llh coefficients. If the

reciprocal relation is valid for the L,k coefficients, it is valid also for the Rlk coefficients.

Whereas the L,k coefficients have the dimensions of conductance (i.e., flow per unit

force), the Rlk coefficients have the dimensions of resistance (i.e., force per unit flow)

and are frequently called resistance coefficients.

The R)k coefficients are easier to interpret at the molecular level than the Lrh coefficients.

A non-zero R,k (i* k) implies a direct interaction between i and k, that is, the molecular

flow of k directly causes a force to act on species i. On the other hand, a non-zero Lik

(i * k) does not necessarily imply a direct molecular interaction between species i and

k, it means that the force acting on k affects the flow of i, perhaps directly or indirectly.

In effect eq. (3.1.1.14) means that, in the steady state, the gross thermodynamic force

Xj acting on species i is balanced by the forces RlkJk summed over all species k,

including i. The term R,,J; is the drag force per mole which would act on i when moving

at a rate J/c, through a medium where there was no net flow of any other species.

Thus the R,, coefficients are still complex quantities including contributions from the

interactions between i and all other species present, including the membrane.

However, each Rlk (i * k) coefficient represents only the single interaction between the

flows of i and k. The RN coefficients, like the L,,, must always be positive but RlK (i * k)

and the Llk coefficients may be positive, negative, or zero.

3.1.3 The Frictional Model of Membrane Transport

The frictional model of membrane transport has been described by Meares et a/.i9).

The idea of describing steady-state transport processes in a membrane as balances

between the gross thermodynamic forces acting on the system and frictional

interactions between the components of the system is one of long standing. More

recently, the term molecular friction coefficient has been applied to the coefficient which

relates the frictional force between two components to the difference between their
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velocities. This approach has been used to describe transport processes across

membranes by several authors. The precise treatment that will be considered here is

the frictional model as proposed by Spiegler71).

The fundamental statement of the frictional model is that when the velocity of a

permeating species has reached a constant value, the gross thermodynamic force X,

acting on one mole of that species must be balanced by the interactive forces, Flt,

acting between one mole of the same species and the other species present.

Mathematically this is expressed by

Furthermore, these interactions are assumed to be frictional in character so that each

force Fik is equal to a friction coefficient flk multiplied by the difference between the

velocities v, and vk of the two species. Thus

and

It should be noted that fk is the force acting on one mole of i owing to its interaction

with the amount of k normally in the environment of i and under unit difference between

the mean velocities of i and k. in general the concentrations of i and k are not equal

and consequently the coefficients f,h and fhl are not equal. When the balance of forces

is taken over unit volume of the system it is readily seen that

The quantity fik/ck or f jc; represents the force acting between one mole of i and one

mole of k at unit velocity difference. Its value obviously depends on the chemical types

of the two species.

Besides containing a term such as flh(v, - v j for the interactions between i and each of

the other permeating species, the right-hand side of eq. (3.1.3.3) also includes a term
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f,m(Vi • vm) which allows for the interaction between i and the membrane. Usually the

membrane is taken as the velocity reference so that vm is zero.

With the help of the relationship

J: = cv. (3.1.3.5)

eq. (3.1.3.3) can be rearranged to

flk -flk

Equation (3.1.3.6) has the same form as eq. (3.1.1.14) which relate the forces to the

flows via the Rlk coefficients. Each R,, coefficient can be equated to the corresponding

Sfk/ch This illustrates the complex nature of the R̂  coefficient. Each R]k (i=k)

coefficient is equivalent to the corresponding -frk/ck.

In a system with n flows, (n - 1} friction coefficients are required to describe the

interactions of any one permeating species with the other permeating species. One

further coefficient is required to describe its interaction with the membrane. A total of

n2 friction coefficients is thus required to describe the transport properties of the

system but with the use of eq. (3.1.3.4) this number is reduced to !/2n(n +1) , i.e., the

same as the minimum number of independent Llk or Rik coefficients. Hence the

minimum number of experimental measurements required to characterize the system

fully is the same whether it is described in terms of the Lk coefficients, the Rlk

coefficients, or the f k coefficients. The most convenient set of experimental parameters

to be measured may depend on which set of coefficients is chosen to represent the

properties of the system.

The choice of coefficients can be made mainly on the basis of experimental

convenience because, having obtained values of one set of coefficients, it is no

problem to obtain values for the other sets from these. The relationships between the

Rik and Lik coefficients, and between these and the friction coefficients have already

been given briefly above and are discussed in more detail elsewhere191. Direct

relationships between the friction coefficients and experimentally measurable quantities

have also been discussed in several papers'91. The method of obtaining one such

relationship is mentioned here as an illustration of Spiegler's treatment.
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In a system consisting of a membrane, water, one species of univalent cation and one

species of univalent anion, the electrical conductivity k is given by the expression

k = F(l\ - J'2) (3-1-3.7)

where J', and J'2 are the flows of univalent cations and anions per unit area,

respectively, under an electrical potential gradient of 1 V cm V Under these conditions

the forces acting on the cations, anions and water are F, -F, and 0 J cm' mole',

respectively. On substituting these forces into the set of eqs. (3.1.3.6) describing the

system, the equations can be solved for the flows J', and J'2 in terms of the friction

coefficients and the concentrations of the ions and water. These expressions for J',

and J'a can then be substituted into eq. (3.1.3.7) to give an expression for k in terms

of the friction coefficients operating in the system and the concentrations of the

permeating species.

It is possible to obtain expressions for other transport parameters, such as the electro-

osmotic permeability, transport numbers of the ions, and the self-diffusion coefficients

of the permeating species in terms of the friction coefficients in a somewhat similar

manner. A set of such expressions can then be solved to give the individual friction

coefficients in terms of the transport parameters and the concentrations.

The procedure outlined above becomes rather tedious as the expressions giving the

individual transport parameters in terms of the friction coefficients may be very

complicated. Under certain circumstances a simpler procedure can be used to obtain

values for the friction coefficients'91.

The main advantage claimed for the use of the frictional model to describe transport

processes in membranes, is that each friction coefficient represents the interaction

between a particular pair of flows. They are not complex combinations of several

interactions as are the L,t and R,, coefficients. The model also permits a direct

evaluation of the interactions between the various permeating species and the

membrane, interactions which are hidden in treatments which use only the L.K and Rlk

coefficients.

It may be possible under favourable conditions to neglect some of the fractional

interactions on the basis of previous knowledge of the properties of the membrane and

permeants. A smaller number of experimental measurements is then necessary to

describe the system. For example Spiegler711 suggested that, in a system where a
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cation-exchange membrane is in equilibrium with a dilute electrolyte solution, the friction

coefficient f12 (where 1 represents cations and 2 represents anions) can be set equal

to zero because of the low concentration of diffusible anions.

Simplifications such as that described above should be made only with great care. It

is possible that even though fik may be negligibly small fK, may be quite large because

the ratio ck/Ci [c.f. eq. (3.1.3.4)] may be large. In such a case the full number of

experimental measurements must still be made.

The quantitative application of the frictional model to biological membrane systems is

restricted by the difficulty of measuring or estimating values for the average or local

concentrations of the permeating species in the membrane. These values are required

for the calculation of the friction coefficients from the measured experimental

parameters. Thus, although values for sets of Lih coefficients (particularly LD, o, and u)

have been obtained for some biological systems, it has been possible to interpret these

in terms of the friction coefficients in only a qualitative manner191. With homogeneous

synthetic resin membranes the situation seems to be simpler. Some limited

measurements of friction coefficients for such systems have been reported191.

3.2 Conductance and Transport Number

3.2.1 Conductance and Transport Number and their Relation to Flows and

Forces in Electrodialysis

The author has derived the following relationships for conductance and transport

number and their relation to flows and forces in electrodiafysis

Consider a system consisting of two aqueous solutions containing oniy one permeable

electrolyte separated by a membrane1'4'. Different concentrations, pressures, and

electrical potentials are allowed on both sides of the membrane. Envisage further the

operation of two forces with two conjugated flows which may pass from one side of

the membrane to the other. The simplest choice of flows and forces would be the flow

of cation J,, driven by the difference in electrochemical potential AJI,, and the flow of

anion J2, driven by the corresponding force A£J . The following simple

phenomenological equations can then be set-up1131, (see eq. 3.1.1.6)
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J, = L^jS, (321)

J2 =

where L, and L2 are the phenomenological coefficients which characterize the system.

The chemical potential of the electrolyte, A tis, is equal to the electrochemical potentials

of the cation and the anion11*'.

A u, = A u + A ^ i , (3.2.3)

The electrical current, I, through a membrane is related to the ionic flows by the

relationship"3'.

I = (Z lJ, + z ^ F (3-2.4)

where z, = valence of cation; za = valence of anion; F = Faraday's constant.

When I = 0, then J, = Ja

The electromotive force, E, acting on the system can be determined by introducing a

pair of electrodes reversible to one of the ions, say ion 2, and measuring the potential

difference. The value of E is related thermodynamically to the difference in

electrochemical potential of ion 2|1i):

E = ^ 1 (3-2.5)

for NaCI, z, = -1

z2F

and E = ^ 1 (3-2-6>
- F

or EF - -Ajl2 (3-27)

Membrane conductance is usually carried out under isothermal, isobaric conditions

wrth constant salt concentrations across the membrane.
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when \\is = 0, then A\Hl = -AjT2

The electric current, I, through the membrane is:

I = F(Jj - J,)

Substituting eq. (3.2.1) and (3.2.2) into eq. (3.2.9), gives

I = F(L1A]Tt - L2A?2)

But, Afi, = -AJT2

, I = F(-L1A?2 -

(3.2.8)

, + L2)

But EF = -AJT2

.. I = F2E (L: +

(3.2.9)

(3.2.10)

(see eq. 3.2.8)

(3.2.11)

(3.2.12)

(see eq. 3.2.7)

= F2(Lt + L2) = Conductance (3.2.13)
Ajis « 0, Iv = 0

when I = 0, then

J, - J2 = 0 (3.2.14)

Substituting eqs. (3.2.1) and (3.2.2) into eq. (3.2.14) gives

But

(3.2.15)

(see eq. 3.2.3)
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- L2AJI2 = 0 (3.2.16)

and A"jl2 =
L, + L,

(3.2.17)

or - EF = (3.2.18)

EF

1 = 0 , Jv = 0
L l + L 2

(3.2.19)

Consider [J,/I|
j + L 2 )

But A]!, = -A]IZ and EF = -AfTz

(3.2.20)

(3.2.21)

2
F , H. L2

(3.2.22)

[JF/IL =0; Jv = 0
(3.2.23)

= At (transport number) (3.2.23)

EF

' 1 = 0 ; Jv - 0

(3.2.24)

Note: The membrane potential AT|; is related to the electromotic force measured

between reversible electrodes by the expression'13':

AT =E -
A|L,
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3.3 Ion Coupling from Conventional Transport Coefficients

3.3.1 Ion Association and the Coupling of Flows

Kedem1"51 has described ion association and coupling of flows, charged hydrophobic

membranes and the association model, transport properties and transport coefficients

in the absence of volume flows and transport coefficients in the absence of a pressure

gradient.

Anions and cations will exist in part as neutral ion pairs or molecules when the

dielectric constant of the membrane is low. Three mobile species can be identified in

the membrane phase according to Kedem: free anion. free cation and ion pair (only

a univalent electrolyte will be considered). The dissipation function for ion flows,

in this case, can be expressed either in terms of the two stoichiometric ion flows, J,

and JZ1 or in terms of three species: free ion, J,* and J2*. and neutral molecule, J r

Assuming dissociation equilibrium, the thermodynamic potential of the molecule is

equal to that of the sum of the ions:

X s = X I + ^ ( 3 - 3 - 1 )

The relation between J, and J * is:

(3.3.2)

h - J2*

and thus the two species dissipation function

is equal to the three flow expression

= J1*x1 + J2% - JSXS = Q1 - j,)x1 + (j2 - .yx , + (x, - x2)js.

38



Assuming that no frictional interactions exist between the free ions and the neutral

molecule and that volume flow is either negligible or absent, a linear relationship

between flows and forces can be described by the following set of equations:

(3.3.3)

Equations (3.3.1), (3.3.2) and (3.3.3) give:

(3.3.4a)

from which Js is expressed in terms of individual resistance coefficients of the three

mobile species and the flow of the free ions,

I Rl'lJt* + ^ 2 (3.3.4b)

SR

where SR = Rs + R,,* + Ra*.

From the relations one obtains the phenomenological equations which describe the

total stoichiometric ionic flows and forces by means of the individual resistance

coefficients of the free and associated mobile species:

SR SR

SR
1 -

SR,

(3.3.5)

The corresponding resistance coefficients are:

R n = R i r

R n
K22

R* * R,', + R3

(3.3.6)
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R12 " "*
R;X * R;2 * RS

The relative importance of the ion-coupling, according to Kedem, is best expressed in

terms of the degree of coupling, q2 = R,sVRnR^. where q2 = 1 means that the

coupling between the flows is complete, and q2 = 0 indicates absence of coupling'721.

For the case of ion association, this coefficient is given by:

(3.3.7}

(R3

If Rs > > Rt1* and R5 > > R^* then R^ - Rn*. R^ - R^* and q2 - 0; i.e. there is no

significant coupling. If, on the other hand, R3 is much smaller than the Rr* terms,

coupling can be practically complete.

The physical significance of these limits becomes clear if we introduce concentration

and friction coefficients for the R's, Ra = f,/c,.

To discuss the orders of magnitude, let us take ail f/s approximately equal; then

q 2 m - (3.3.8)

(cs + o c « , 4

Negligible coupling, i.e. q2 - 0, is found when the concentration of the free ion are

much larger than the concentrations of associated molecules; on the other hand,

strong association leads to a high degree of coupling, that is q2 - 1. In other words.

the degree of coupling and degree of association are closely related.

Consider first a matrix, which does not carry fixed charges, i.e. c,* = c2* = c*. The

expression for the coupling coefficient will be given by
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2

_^! (3.3.9)

(cs + C")2

For slight association expected in high dielectric media, cs << c* and:

2 c 3 c ' + c - 1 - 2
0 O.3.10)

No coupling will thus be observed.

In these media qz also remains small in the presence of fixed charges, i.e.

For slight dissociation, as is to be expected in hydrophobic membranes, c5 > > c*,

and:

q 2 - - 1 (3.3.11)
(1 + c7cs)2

The presence of fixed charces in hydrophobic membranes complicates the analysis of

coupling effects, according to Kedem and requires a detailed consideration of a model.

3.3.2 Charged Hydrophobic Membranes - The Association Model

Consider a polymeric membrane matrix with chemically bound ionizable groups at a

total concentration of X,, and low water content'73'. Several ion-exchange and

dissociation equilibria are established when immersing such a membrane in an

aqueous salt solution with a concentration cs\

aqueous solution membrane aqueous solution

X* + c,* - X c ,

c2* + cT* •• c5 c,1

Assuming ideality in the aqueous solutions, dissolution equilibria of the free counter-ion

c,* and free co-ion c2* between the membrane and the aqueous solution are obtained
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by equating the electrochemical potentials in the two phases:

£,' = n,°' + RT n C,1 + z,Fi|;' = \i," 4- RT In C,* + z,F\)r = f l ,
(3.3.12)

"pL2' = (ijo1 + RT In Cg + z2Fijr' = (i2
o + RT In cs* + z2Fi|f = fTa,

Adding the respective terms and applying the condition for ion pair formation reaction

in the membrane: m = £, + "\xz<
 w e obtain after rearrangement:

c, = k c5'
2 (3.3.13)

where cs' is the concentration of the fully dissociated salt in water; c5 is the

concentration of the undissociated salt in the membrane phase; c,*, c2* are the

concentrations of free ions in the membrane; and k = exp [((is° - ^,0' - |iz
ol)/RT].

Ion pair formation between the small ions is expressed by:

C l c 2

where c2
:, cs indicate the concentration of the total and the undissociated salt in the

membrane phase. Ion pair formation at the fixed ionic sites is given by:

(Xt-X")

where X, is the total concentration of fixed groups and X* is its free fraction.

Introducing electroneutraiity for the dissociated species, c,* = c2* + X*, into the above

expressions and rearranging the equations for the modified Donnan equilibrium for

non-aqueous membranes, we obtain a polynomial of 3rd degree with respect to c2'\

* a)c2*
2 - K > c; - a2 = 0 ( 3 3 1 6 )

where a = ^ s

The adsorption isotherm of the co-ions, cz\ is given from the above relations by

- * - - ' * * « - /•* «/T<rs (3.3.17)
c2 - c2 + cs - c2 + a / i \ j * '

For analysis of the coupling coefficient, explicit expressions for the concentrations of

the co-ion or counter-ion are obtained from eqs. (3.3.14) and (3.3.15) and the
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electroneutrality condition:

for free co-ions:

C - Co

X. - X*
(3.3.18)

for free counter-ions:

K Cj - C2

for small dissociation:

c2" < < c2
x * c5 and X" < < X,

At these conditions, free co-ion concentration becomes

t
Cj = m c2 a

(3.3.19)

(3.3.20)

where

m - K^/Kd
f and a = X '/X, < < 1

Free counter-ion concentration is given by

c,' ^ m c2
(a + X' = a(m c2' + X,). (3.3.21)

q 2 -

Coupling coefficient is thus given by

1

(1 + ClVcs) (1 + c2*/cs) (1 + d'/bj) (1 + c2*/cj) 1
(3.3.22)

High coupling q2 - 1 is obtained when Ct'/Cj* < < 1;

cj (m ĉ  + X,)
= a(m (3.3.23)
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According to Kedem, high coupling will be observed in non-charged hydrophobic

membranes with small salt dissociation constants; in charged hydrophobic

membranes a high degree of coupling will be observed only in the case of large salt

invasion.

3.3.3 Transport Properties and Transport Coefficients in the Absence of Volume Flow

Phenomenological equations for two stoichiometric ionic flows in the absence of

volume flow is given by:

(3.3.24)

with R12 =

Electric current, electric potential and concentration are measured in practice and the

conventional transport coefficients are defined accordingly. The relation between the

driving forces and the Rij's are obtained from the constraints imposed for each

measurement. The expression for driving force for ion transport, i.e. the difference in

the electrochemical potential for equal concentrations on both sides of the membrane,

is given by:

Xj = A ^ = ^ F E (3.3.25)

So that

X , + X , = 0 (33.26)

3.3.3.1 Electric conductance

Membrane conductance, K, is:
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K = (-) (see eq. 3.2.13}
i =0; Iv = 0

where the electric current, I, is given by

I = FtZjJj + z2J2) (see eq. 3.2.4)

The current I can be expressed in terms of resistance coefficients and two driving

forces by substituting eq. (3.3.24) into eq. (3.3.26).

.-. L = - -^ -I2- 7, (3-3.27)
* K I2

Introducing J? from eq. (3.3.27) into eq. (3.3.24), and rearranging, gives:-

x = R j Ri2CRn + R12)Jt R11R22 - R12 ^ (3.3.28)

^ 2 + R12 ^ 2 + R12

From eqs. (3.2.4), (3.3.27) and (3.3.28), the current is

R n + R,, + 2R17
I - (Jj - J2) = - ^ -^ ^ X, (3.3.29)

- R l 2 2

and the conductance, K, is

K f l U h - h R l , + ^ 2 + 2 R , 2
F2 l E j p 2 X, R H R 2 2 _ R

2
2

(3.3.30)

3.3.3.2 Transport numbers

Transport numbers t, ,2 are defined as the fraction of the electric current carried by each

of the ions, without concentration gradients. In practice, membrane potentials are

measured assuming Onsager's symmetry.

The transport numbers in terms of the Rij's are:
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t
Jl " h Rn + 1*22 + 2R12

(3.3.31)

L = 1 - t = R " * R l 2 0.3.32)
Ru • R,2 + 2R,2

The product of t, and t2 is

(R n + R.JCR,, + R,,)
t]L, = — i i 12 ~2 i2l (3.3.33)

(R u + R,2 • 2R12)2

3.3.3.3 Salt permeability

Salt permeability or salt "leak", coS! is measured in the absence of electric current, so

that

I, - Ja - Js

The driving force for salt flow is the gradient of its thermodynamic potential:

Xs = Xj + ^ (3.335)

Adding the respective terms from eq. (3.3.24) gives:

X3 = ( R n + R,2 + 2R12) Js (3-3.36)

and

i = a) clv = - (3-3.37)
Xs

 s s R n + R,2 + 2R I2

where cs
 av is mean salt concentration on the two membrane sides.
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3.3.3.4 Correlation between K,,t1l2 and o>.

In aqueous charged ion-exchange membranes where the total amount of co-ions is

very small compared to that of the counter-ions, the electro-neutral salt leak will

become a very small fraction of total membrane conductance. Comparing the

expression for the leak-conductance (LC) ratio obtained from eqs. (3.3.30) and (3.3.37),

the following equation is obtained:

j ^ T m Rn R22 - R u ( 3 .3 . 3 8 )

This and the expression for the product of the transport numbers, eq. (3.3.33), shows

that

V — ft - R12 " sc s
l v ( 3 a 3 9 >

2R lh 12 ' s

In the case of zero volume flow and no coupling between the co- and counter-ions

R12 = 0; a plot of the permeability ratio vs. the product of the two transport numbers

should give a straight line with slope of 1, intersecting the origin:

»av

^ = tt (3.3-40)
l

K / F 2

In general, R,2 ^ 0 should lead to a substantial deviation from this curve which will

depend on the type and the extent of coupling.

Mutual drag reflects positive coupling between ion flows by any type of mechanism and

is represented by a negative value of R1Z. In this case the relation between the LC ratio

and the product of the two transport numbers will be characterized by an inequality.

" s 0 " > f t (3-3.41)

K / F 2 l '

An estimate of R.2 is readily obtained from measured values of salt leak, membrane

conductance and transport numbers as is shown in eq. (3.3.42).
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R12 - —l— - —^r

3.3.4 Transport Coefficients in the Absence of a Pressure Gradient

In practice, membrane conductance is usually measured in open cells with atmospheric

pressure on both sides of the membrane and with equal salt concentrations. Under

these conditions, volume flow is in general not zero. Thus in charged membranes,

electro-osmotic volume flow is to be expected.

The electric conductance (I/E) i p , 0 = K'

is related to K by"4)

Ky = (3.3.43)
1 • PEP

where K and PE are the electric conductance and the electro-osmotic pressure

respectively, measured under conditions of zero volume flow and salt gradient, and p

is the electro-osmotic permeability, measured at zero pressure and salt gradient.

For a homogeneous charged membrane has p and PE opposite signs"*1, and

P = _ ^ P (3.3.44)

K

Lp and KL are straight coefficients and therefore always positive. This implies that

K' > K , i.e. electro-osmosis enhances membrane conductivity as a consequence of

water-ion frictional drag; its direction is that of counter-ion flow. Similarly salt

permeability is usually measured at zero pressure and osmotic flow is allowed to take

place. In this case, however, iume flow is opposed to the direction of salt diffusion

and therefore,

J, (3.3.44)

s

where (") is used for measurement at Ap = 0. From eqs. (3.3.30), (3.3.43) and

(3.3.44), the interaction between water flow and ion flows leads to the inequality.
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{3.3.45)

Jv = 0

Therefore, satt diffusion in the presence of volume flow is less than salt diffusion in the

absence of volume flow. The membrane potential at Ap = 0 in practice would also

differ from that measured in the absence of water flow. In general, existence of volume

flow would result in the flattening of the concentration difference between the two

membrane-solution interfaces. In charged ion-exchange membranes, this will mostly

affect the counter-ions, and therefore the observed membrane potential would be

lowered by water flow, even with ideal stirring which would give in effect no unstirred

layers. In real measurement, the existence of unstrirred layers would make this effect

even larger. Maximum values of t,t2 = 0,25 is obtained in completely non-

permselective membranes,i.e. t, = t2 = 0,5; in highly permselective membranes this

product will approach zero. Volume flow will thus result in a smaller membrane

potential of which will shift the measured data towards larger t^^ values.

In general, ion-water coupling, causes the experimental data to be shifted in the

opposite direction to that affected by ion-ion coupling, according to Kedem.

Correlations (3.3.42) and (3.3.45) show that from customary measurements of

conductance and membrane potential plus salt permeation, one gets a sharp

distinction between ion-water coupling as found in usual ion-exchange membranes on

the one hand, and ion-ion coupling as expected in hydrophobic membranes on the

other hand. Zero coupling in the absence of volume flow was given by eq. (3.3.40).

3.4 Transport Processes Occurring During ElecUodialysis

A number of transport processes occur simultaneously during ED, and these are

illustrated in Figure 3.4.1(7).

Counter-ion transport constitutes the major electrical movement in the process; the

counter-ions transport with them by electro-osmosis a certain quantity of water. Co-ion

transport is comparatively small and is dependent upon the quality of the ion-selective

membrane and upon the brine concentration. Water is also transported electro-

osmotically with the co-ions. Diffusion of electrolyte occurs from the brine to the

diaiysate compartment because in the ED process the brine stream is usually more

concentrated that the diaiysate stream. Water transport is also associated with
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electrolyte diffusion. Water transport due to osmosis takes place from the low

concentration dialysate compartment into the higher concentration brine compartment.

counter - ion
transport "*"

Na+(+H2O)

NaCI

Brine

(+H2O)

c o - i o n t ranspor t -^

»- d i f fus ion •«••

H2O osmosis H2O

Dialysate

c o u n t e r - ion
—*•

transport
cn+Hoi

NaCI(+H2O)

Brine

Figure 3.4.1: Illustration of transport processes which can occur simultaneously
during the electrodialysis process.

The efficiency of demineralization of the liquid in the dialysate compartment may be

considerably reduced by the counter effects of co-ion transport, diffusion, water

transport associated with counter-ion movement and osmosis. The effect of these

unwanted transfer processes can, however, be reduced by the correct selection of

membranes and by the selection of the optimum operational procedure for a particular

application'71. Osmosis and electro-osmosis are effects which limit the usefulness of

ED as a method of concentrating electrolyte solutions.

3.5 Current Efficiency and Transport Phenomena in Systems with Charged

Membranes

The interaction between the current efficiency of electrodialytic separation with ion-

exchange membranes and all the fluxes depressing selectivity, i.e., electric transport

of co-ions, electro-osmotic flow of water, diffusion and osmosis have been described

and experimentally examined by Koterand Narebska'171. They have presented a simple

definition of the current efficiency (CE) for a single ion-exchange membrane system.

It allows for the estimation of CE from a determination of concentration changes in
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cathode and anode solutions. With the proposed definition, CE can be expressed as

a simple function of different kinds of transport taking place in the system. This fact

makes it possible to examine the effects of these transports on current efficiency, that

is to calculate the losses of CE due to:

a) electric transport of co-ions;

b) electro-osmotic flow of water;

c) diffusion of a salt; and

d) osmotic transport of water.

Thus, the full characteristics of a single ion-exchange membrane (cation- or anion-

exchange) for a separation process like ED can be obtained. The mathematical

solution has been examined for computing the current efficiency and its losses for the

system NaClaa/Nafion 120 membrane and NaOHaQ/Nafion 120 membrane based on the

experimental results published earlier'171.

3.5.1 Current Efficiency of a Membrane System - A Definition

Consider the one membrane system as shown in Figure 3.5.1. The ion-exchange

membrane (M) separates two solutions of an Av,Bv2 electrolyte differing in

concentrations. For the cation-exchange membrane (sign W =- 1) the cathode is on

the more concentrated side whereas for the anion-exchange membrane (W = + 1) it

is on the diluted side. The electrodes and electrode reactions do not belong to the

system. They are separated from the system by ideal membranes of reverse sign to

the investigated membrane.

At t = 0, the concentration difference across the membrane is Ac" = ca' - c°". After

passing an electric current through the membrane for time t, the concentration

difference changes to Ac'. The ratio of (Ac' - Ac°) for the real membrane to

(Ac* - Ac') for the ideal membrane system (ta, tw, Js, Jw
os = 0) is a measure of the

current efficiency:

CE - ( A c - A c°> (3.5.1)
(Ac' - Ac0)ideal

Rearrangement of this formula"71 leads to the following equation relating the current

efficiency to the total counter-ions (J,) and water (Jw) fluxes (see Appendix B).
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deal M
sign - u>

M
sign

ideal M
sign - to

T

1 z

c1

H20

osm
w

 - * •

J s c

1 z

z2 |

c > c
A - counter-ion
B - co-ion

Figure 3.5.1: Standard system for defining the current efficiency of an ion-
exchange membrane in the isobaric condition (Ap = 0). The
transport processes caused by the passage of 1 Faraday of
electric charge (T1 and t2 are the electric transport of counter-ions
and co-ions, respectively; L is the electro-osmotic transport of
water) and by the concentration difference (J, - diffusion of a salt,
J°*w = osmotic flux of water) are shown.

CE CJZ1V1
J - 0,018mJw)/I (3.5.2)

Consider that the counter-ions are driven by the constant electric field and the chemical

potential gradient, and that the same holds for water, eq. (3.5.2) can be rearranged to:

CE - z^ft /v, - 0,018mtw - o)(Js - 0, (3.5.3)

where

V

m =

! I os -

I

reduced transport number of counter-ions (eq. A2, Appendix B)

transport number of water

mean molality (eq. B17. Appendix B)

diffusion and osmotic fluxes

electric current

-1 for cation-exchange membrane

+ 1 for anion-exchange membrane
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The formula indicating the fluxes that decrease current efficiency, is as follows:

Electrical
transport
of co-ions

Electro-osmotic
transport of

water

Diffusion
of salt

Osmotic flux
of water

CE = 1 - ta - z, 0,018mJw
os)F/l (3.5.3a)

With the help of the transport equations of irreversible thermodynamics and the Gibbs -

Duhem equation, the diffusion and osmotic fluxes, J, and Jw
os, can be expressed as a

function of the difference of the chemical potential of a solute, Ans
(9).

Js - 0,01851*" -
J

_ 0,018m (

^, m)Au.s (3.5.4)

Here f (Llk, m) represents a combination of the phenomenological conductance

coefficients Llk and the mean molalrty, m, of a solute. Equation (3.5.3) and (3.5.4)

clearly show that losses of selectivity due to osmotic and diffusion fluxes are dependent

on the ratio of the chemical potential difference of solute and the current A|is/I.

3.5.2 Determination of Current Efficiency in a System with Electrode Reactions

Substituting the concentration changes for the system with idea! membrane,

(Ac! - A c 0 ) ^ (eq. B15, Appendix B), and the equation

Ac' - Ac° = co(Ac' - Ac') (a5<5)

Into eq. (3.5.1), eq (3.5.6) is obtained:

CE =

where Ac,1, Ac,1

(Ac^ - Ac^)

2(1 - vc°)IAt
(3.5.6)

concentration changes of anotyte and catholyte after

time At

mean concentration of anotyte and catholyte at time

t = 0,

c° = (ca° + cK°)/2.
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Equation (3.5.6) can only be applied to the standard system (Fig. 3.5.1) without any

other effect but transport, i.e., without the electrode reactions. Actually, the

experimentally determined variations of the concentrations of the cathodic and anodic

solutions are produced by both the transport phenomena and the electrode reaction.

For computing the current efficiency related to the transport phenomena only, the

concentration/volume effects of the electrode reactions should be accounted for. The

use of electrodes makes it necessary to correct the numerator of eq. (3.5.6), i.e., the

difference Acc - Aca. In the general form the formula for the membrane current

efficiency determined in the practical system can be wrrtten as:

CE = z,vr i
2(1 - vc°)

pv° Ac' Ac'
( — -)•*•* * correction

(3.5.7)

I At At

Some electrodes and the formulas for corrections are given by Koter and Narebska1171.

3.5.3 Relation Between Current Efficiency and Efficiency of Energy Conversion

Regarding the general formula for efficiency of energy conversion given by Kedem and

Caplan1721, the efficiency of energy conversion, r|E, for the system studied here, takes

the form

E II AE

where J," = J,/v, - 0.018 m JM (3.5.9)

AE = is the difference of electrical potential measured with

electrodes reversible to co-ions.

AE = A?2 /z2F (3-5.10)

By comparing eq. (3.5.8) for J ,* and eq. (3.5.3) for the current efficiency, it can be seen

that r)E can be written as the product of current efficiency and the force-to-force ratio
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1 A u
= w — CE — ^ (3-5.11)

z lV[ AE

3,5.4 The Losses of Current Efficiency

To determine losses of current efficiency due to different kinds of transport (eq. 3.5.3a),

four experiments can be performed. Results are here presented for the systems

NaClaq/Nafion 120 and NaOHaq/Nafion 120. All the experimental results used for

computing CE have been published elsewhere1171.

Figures 3.5.2(a) and 3.5.2(b) present the effects of the conjugated fluxes on efficiency

of electric transport of counter-ions across the cation-exchange membrane (Nafion 120)

for two different values of concentration ratio; m'/m" and current density, i : m'/m" =

5, i = 100 A/rm2, and m'/m" = 10, i = 500 A/m2.

On both figures the current efficiency corresponds to the abscissa (see eq. 3.5.3a)

CE = 1 - 2 losses

and is dependent on the mean concentration m (eq. B17, Appendix A). The effects

which diminish current efficiency are|17):

• Electric transport of co-ions, i.e., imperfect membrane permselectivity (t2)

• Diffusion of solute (Js)

• Electro-osmotic flow (Tw)

• Osmotic water fluxes (Jw°s)

The following conclusions can be drawn from the figures1171:

The imperfect selectivity (ts), assumed to be one of the most important characteristics

of a membrane, produces up to 8% (NaCI) and 35% (NaOH) of the CE losses at m =

2. Similar toT2l the effect of electro-osmotic flow of water (Tw) increases with m. It plays

a significant role in the system with NaCI where it diminishes CE up to 30%.

Depending on the working conditions, i.e., on the concentration ratio m'/m" and

current density, the decrease of CE due to osmotic and diffusion flows can be larger

than that caused by electric transport of co-ions and water. This effect is especially
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a) NaCI - Nafion 120 b) NaOH-Nafion 120

1.0
Ym: - 5 I = 100A/m2

0,0
1,5 2,0 m

Figure 3.5.2: Losses of current efficiency due to imperfect selectivity of a membrane (Ejjj, diffusion of a solute (J.)

and electro-osmotic flow ( t j and osmotic (J^) fluxes. T = 298K.
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seen at higher mean concentrations where the current efficiency can even be reduced

to zero,

3.6 Efficiency of Energy Conversion in Electrodialysis

Efficiency of energy conversion in separation processes with Nafion 120 membranes

from phenomenological transport coefficients has been described by Narebska and

Koter"8'.

In systems devised for desalination/concentration processes with ion-exchange

membranes separating single electrolyte solutions of different concentrations, electrical

energy is used to drive a solute against its concentration gradient. In these processes,

the electrical energy is converted into free energy of mixing and in that way it is stored

in the system. The efficiency of energy conversion (ri) depends both on the degree

of coupling between the driving process and the driven flow (q), as well as the

operating conditions.

Kedem and Caplan72' have defined ri and q in terms of irreversible thermodynamics

and outlined the methods available to access both parameters for thermocouples, fuel

cells, osmionic batteries and desalination stacks by treating the system as a two-flow

process. Later. Caplenr74' published some data on the overall degree of coupling q
a n c i i w f o r hyperfiltration, concentration cells and ED, taking for the calculations the

experimental results for a few points in dilute solutions.

Narebska and Koter'81 have presented results for the degree of coupling and efficiency

of energy conversion calculated for the system composed of a perfluorinated Nafion

120 membrane and sodium chloride solutions of different concentrations. Their aim

have been to conduct a detailed analysis of input-output relations by treating the

system and the transport involved as a three-flow process and describing quantitatively

the transport of water which consumes energy unprofitably.

The system consisted of a cation exchange membrane and aqueous solutions of

1 : 1 electrolyte of different concentrations in the adjacent compartments. Sodium are

driven by the applied electrical potential difference opposite the concentration

difference of NaCL
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3.6.1 Mathematical Formulation

3.6.1.1 The degree of coupling and the efficiency of energy conversion in the two-flow

system (basic definitions)

The efficiency of energy conversion ri is based in the dissipation function $ which for

the two-flow system takes the general form:

4> = J1X1 + J2X, > 0 (3-6.1)

According to Kedem and Caplan'72*, with one flow producing entropy (J2X2), which is

always positive and the other flow consuming entropy, being negative (J,X,), the

efficiency of energy conversion can be expressed as:

(3.6.2)

Denoting the force ratio as X,/Xz and the ratio of the straight conductance coefficients

Ll( appearing in the flow equations

= L11X1

(3.6.3)

J2 =

as Z2 = L,,/L22, the efficiency function can be calculated with the equation:

•n « <1 + Zx (3.6.4)
q + 1/Zx

q is the degree of coupling of the flows satisfying the relation Iql s 1.

The conversion ot energy of process 2 to process 1 is onty possible when the two

flows are coupled, therefore, the degree of coupling can be defined as:

q2 = ! _ - J' = ° = i _ l'U- - ° =
 M z (3.6.5)

For electrodialysis, the dissipation function can be written in the form:
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4> = J,Au, s + IE (3-6.6)

where J,is the flux of counterions, Am the difference of chemical potential of an

electrolyte, I the electric current and E the potential difference between the solutions

on opposite sides of the membrane measured with electrodes reversible to the anions.

Kedem and Captan have presented the general solution for the degree of coupling in

ED. They admitted, however, that in their solution the contribution of water flow was

neglected. This means that they have treated the process as a two-flow system.

3.6.1.2 Three-flow System

In any real system with a single electrolyte and the ion-exchange membrane separating

solutions of different concentrations, the flow of water is another process which

participates in the entropy production. Consequently, the equation describing the

dissipation function should contain the third component, J^Aji,,:

<f> = I , £ j i , * J w A u w + IE > 0 (3.6.7)

Thus, the efficiency of energy conversion for multiple-flow system can be defined as'74':

n - 1

T, & J ' X i (3.6.8)

'A

In eq. (3.6.8) Ĵ X,, represents the driving process and J,X, represents the driven flow.

n • 1

As for ED JnXn = IE and £ JX = J,Am + JwAnw, one gets:

The first term of eq. (3.6.9) is the same as before, i.e. it expresses the storage of

energy in producing a concentration difference in the permeant, The second term

corresponds to the transport of water which acts opposite to the separation of the

components. It causes a waste of energy by decreasing the concentration difference.

To find the degrees of coupling in both processes, the equations for transport of ions

(J,), water (JJ and current (I) should be used in a general formula:
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Jw = L w E E (3.6.10)

3.6.1.3 Degrees of coupling for the three-flow system

Defining the degree of coupling according to Kedem and Caplan, three coefficients for

the three-flow system are obtained which denote sodium ion-current coupling (qIE),

water-current coupling (qwE) and sodium ion-water coupling (q,J.

. o

ijc = l,wJE, i * k (3.6.11)

All the degrees of coupling were calculated according to eq. (3.6.11) using

conductance coefficients L,k, of eq. (3.6.10).

For the more practical discussion of the input-output relation, such as finding the

maximum output or the driven region for ED, the overall degree of coupling qE is also

helpful. This can be derived from the general formula

. 2 . (3.6.12)

For the system with three forces operating (AC, Ap, E, eq. (3.6.10),qE takes the form:

q = 1 (j.b.u)

(I). = o - q lw

At Ap = 0, which corresponds to operating conditions in ED, and applying the Gibbs-

Duhem equation csdm + cwd^w = 0, the flow equations can be written in the form:
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J, - -L J w = J,w = (3.6.14)

where

Lu = Ln - 2 ^ L l w • ^
C

(3.6.15)

For these equations the formuia for the overall degree of coupling takes the form:

(3.6.16)
(I),

3.6.1.4 Efficiency of Energy Conversion

Introducing eq. (3.6.10) into eq. (3.6.9) and assuming that Ap = 0, it is possible to

derive the equations for both components of r| (eq. 3.6.9), i.e. TI,E and TUE

(3.6.17)

Z w E X

• I W E

(3.6.18)

The meaning of qlK is as before eq. (3.6.11), x = An,/E and 2M =/L,/LkK where

i, k == 1, », E, i # k. These equations are appropriate for calculating r\ for ED.
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3.6.2 The Two-Flow and Overall Degrees of Coupling

Model calculations have shown the following'181:

Tight coupling, ranging up to 0.98, was found between the ion and current flows (qlE)

for solutions up to 0,5 mol/f. (Fig 3.6.1).

The sodium transport number 7, was in the range 1,0 to 0,98 over this concentration

range. The sodium transport number (t̂ ) and q,E decreased at higher concentrations.

The coupling of water-current flows (qwE) was close to 0,5 at approximately 0,1 to 0,5

mol/s (Fig. 3.6.1). In that region qwE = qlvv implying that qwe represents the coupling

of water to ion flow; known as electro-osmosis. In more concentrated solutions qwE

and q lw diverge. Water-ion coupling becomes higher and water-current coupling

becomes lower. At higher concentrations (> 0,5 mol/e) the amount of "free" water in

the membrane, the transport number of water 7W and the osmotic flow, decrease.

Effects originating in the deswelling of the membrane at high external concentration

may result in the observed decrease of the electro-osmotic flow and the increased

coupling between ions and the amount of water crossing the membrane. The overall

coupling coefficient qE slightly exceeds q,E and changes with external concentration

similar to q E.

q
1,0

Figure 3.6.1: The concentration dependence of the degrees of coupling: sodium ions-current
(q,E), sodium ions-water (q,J, water-current (qme), and the overall degree of
coupling (qE) for the system NaC!aq Nation 120 membrane.
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3.6.3 Total Efficiency of Energy Conversion and its Components

The component efficiencies of energy conversion are not only of different meaning but

of different sign (Fig. 3.6.2). The positive term TI,E indicates the fraction of the free

energy of mixing produced by the driving process IE and stored in the system by the

uphill transport of ions J., A|is, against their spontaneous flow. The negative term r\^

means that the transport of water proceeds in the direction of the conjugated force

Ajiw (downhill). The energy input increases the rate of flow. Thus, this term causes

the entropy of the system to increase and the energy supplied to the system to be

wasted.

Both T)E and r\^E change with the ratio Am/FE and with the concentration of

electrolyte. The maximum in the niE curve means that for any concentration range of

NaCI solutions there is an optimal concentration difference for which the efficiency of

energy conversion is at a maximum. There is no such maximum in the TI*E curve. The

waste of energy due to water flow becomes much higher as the electrolyte becomes

more concentrated and the concentration difference between the NaCI solutions in the

adjacent compartments is higher.

The sum of T|IE and nwE gives the total efficiency as r\. The total efficiency, r\,

decreases with increasing concentration. The degree of coupling, qE, also decreases

with increasing concentration.

Computations of q (coupling) and TI (efficiency) employing the derived equations and

phenomenological conductance coefficients determined for the system Nafion 120

membrane/sodium chloride solutions led to the following conclusions™:

• Coupling of the current to the flow of sodium ions (q,E), of importance for the

efficiency of energy conversion, is close to unity when the membrane is in

contact with dilute solutions and is going down with increasing external

concentration.

• Coupling of the current to the flow of water (qwE), which is achieved by water-

cation coupling (qlw), reaches a value as high as half that of qlE, pointing to the

unavoidable loss of energy during ED.
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The total efficiency of energy conversion (TI) depends both on the

concentration of separated electrolytes and on the ratio of thermodynamic

forces (Aus/FE) acting in the system. The maximum of efficiency depends on

the force ratio and decreases with increasing external concentration.

The total efficiency of energy conversion is a complex quantity composed of

a positive component (r\lE) related to the transport of cations and a negative

one (r|wE) related to the transport of water; both components change with the

external concentration to a different degree. The measure of the loss of

energy (TIWE) may reach a value of as much as 70% of j ^ in the more

concentrated solutions.

T298

-1,0 -0,8 -0,6 -0,4 -0,2

FE

Figure 3.6.2: The efficiency of energy conversion TI and the component efficiencies T|,E, T|WE and

force ratio A^JFE, at different concentrations NaCI in the external solution

(T = 333 K).
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3.7 Conversion of Osmotic into Mechanical Energy in Systems with Charged

Membranes

Narebska et a/.,|19) have described the problem of conversion of osmotic energy into

mechanical energy within the framework of irreversible thermodynamics. Using the

numerical results for the conductance coefficients for the system Nation 120

membrane/single salt and alkali solutions, the couplings between the volume and the

osmotic fluxes, q, and the efficiency of osmotic into mechanical energy conversion, r\,

have been computed.

The standard application of membrane systems is for separation of suspensions and

molecular mixtures, gaseous or liquid, into components on an expense of supplied

energy. Mechanical, thermal or electric energy can be used. More than twenty

membrane separation techniques are known. In each of these systems, however, the

difference in concentration of components on both sides of a membrane presents the

effective source of osmotic energy, generating the spontaneous osmotic flux affecting

the separation. For example, in ED, the osmotic flow of water dilutes the brine, thus

lowering the energetic efficiency of desalination. In reverse osmosis, the osmotic

pressure is a powerful force to overcome. Osmotic energy is thereby a native energy

of a membrane system affecting both the income of energy and the separation process

itself.

Conversion of osmotic energy into electric energy was postulated and theoretically

described by Kedem and Caplan[72). Systems converting osmotic energy into

mechanical energy called "osmotic pumps" were proposed by Lee et a/.,|7Sl. The

energetic efficiency of the process, however, still seems to be a problem.

The work by Narebska et a/,1191 has been aimed at a theoretical analysis of osmotic into

mechanical energy conversion, using irreversible thermodynamics as the underlying

theory.

3.7.1 Theoretical

The system consists of an ion-exchange membrane separating electrolyte solutions of

different molalities. Assuming ideal membrane permselectivity (totally impermeable to

a solute) and the zero current condition, the only flow in the system should be the

osmotic flow of water which is driven to the more concentrated side. However, for real
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polymer membranes and particularly when they are in contact with concentrated

solutions, diffusion of a solute across the membrane should be admitted as an

additional phenomenon. The solute permeates the membrane towards the dilute

solution side, that is, opposite to the osmotic flow.

In terms of irreversible thermodynamics the two flows

the osmotic flow of water Jw and

the diffusional flow of the solute J3 are described by the following equations:

J
3 = L S ^ 3 + LwA^w (3.7.1 a)

K = I ^ A l i , - LwAnw (3.7.1b)

Ajis, Afi,, are the differences of chemical potential of a solute and water, respectively.

La, denotes the phenomenological conductance coefficients.

It is convenient to transform eq. (3.7.1a) and (3.7.1b) into another set of equations.

K = IV*iC • L'PAP (3

Here J'w denotes the flow of water against the flow of a solute conjugated to the

concentration part of the chemical potential difference of water, Ajiw
c:

A ill = RT In (aw'/aw") &7A)

Jv of equation (3.7.2b) denotes the total volume flow conjugated to the difference of

pressure in the compartments on the opposite sides of the membrane, A p.

J = v J + v J (3.7.5)
V S S W W

The relation between the fluxes and forces of equations (3.7.1a and 3.7.1b) and of

equations (3.7.2a and 3.7.2b) can be expressed in a matrtc form

66



Here

T* = A * J s AM>W = A^ 1 T * A ^ s (3.7.6 and 3.7.7)

L" = A * L * AT

where

A = _ _ , L =
s w ws w

With the flows of equations (3.7.2a and 3.7.2b) the dissipation function * consists of

two components:

(3.7.9)osmotic

energy

component

mechanical

energy

component

The efficiency of energy conversion, r|, as defined by Kedem and Caplan1721, can be

written as follows:

J Ap
T| = (3.7.10)

0 •< r| < 1

For the system discussed here, r\, means the output of mechanical energy produced

by the input of unit osmotic energy. To acquire computational verification of various

systems this equation should be transformed by substituting equations (3.7.2a and

3.7.2b) into equation (3.7.10) to give

(3.7.10 a)

q + 1/(Z *

q =
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q is called a coupling coefficient. For energy conversion the size of q is fundamental.

The value of q may vary between -1 and +1. A high value of q indicates tight coupling

between the two processes involved in energy conversion. For the system discussed

here, these are the spontaneous osmotic flow of water and the volume flow producing

energy.

3.7.2 Transport Experiments and Computations

The perfluorinated cation-exchange membrane Nafion 120 (Du Pont de Nemours,

USA), was used for measuring the membrane transport process as well as performing

experiments with an osmotic unit. The measured membrane transport properties were

the membrane electric conductivity, concentration potential, osmotic, electro-osmotic,

diffusion and hydrodynamic flows. From these data the set of coefficients of equation

(3.7,2), that is L'w L'p, L'wp was calculated and then the coupling coefficient q (eq

(3,7,11)) and the efficiency of energy conversion, TI (eq. 3.7.10(1)) were found.

The theory was experimentally verified in a simple osmotic unit1191.

3.7.3 Osmotic and Diffusion Fluxes In Membrane Systems

For a given membrane, the flow of water and the diffusion of a solute, flowing in the

opposite direction, depend strongly on the nature of the electrolyte. For the

electrolytes used and the Nafion 120 membrane, the osmotic flow is low with sodium

hydroxide solution, higher with sodium chloride and the highest with sulphuric acid

solutions (Table 3.7.1). For the same system the diffusion fluxes change in the

opposite direction. Js of NaOH is about 25% of the osmotic flow; Js of NaCI 4%; and

J5 of H2SO4 is zero within the range of concentrations used.

Table 3.7.1: Osmotic and diffusion fluxes per unit of the chemical potential
difference of a solute for systems with Nafion 120 membrane,
m = 1, T = 25°C.

Flows

Osmotic flow of water (-JJA^)
Diffusion of solute (-J5/A^.5)

NaOH NaCI H2SO4

(*1010mo!2/m3 Ns)

4,7
1,1

8,0
0,33

17,7
- 0,16
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3.7.4 Osmotic Energy Conversion

The coupling coefficient, q, and the efficiency of energy conversion, r\, have been

calculated with equations (3.7.10a) and (3.7.11). The couplings between the

spontaneous osmotic flow (SM) driven by the difference of solvent activity (Anw
c) and

the volume flow (Jv) producing the pressure (Ap) are shown as a function of the mean

molalities of solutions bathing the membrane (Fig. 3.7.2). The coupling coefficient, q,

is high for the system with sulphuric acid, ranging from 0,6 to 0,95 in 1 molar solution.

For the other two electrolytes q does not exceed 0,4 (NaCI) or is even as low as 0,1

(NaOH). These results show the necessity of using membranes rejecting a solute

almost perfectly. Even little diffusion as in the case of sodium chloride can disturb the

coupling drastically.

This effect is even more pronounced as can be seen from the energy conversion, TI

(Fig. 3.7.3). Again, the r) coefficient is the highest for the system with HzSOd reaching

0,4. For this system the maximum of r\ is observed for the ratio of produced pressure

to the osmotic one Ap/A* = 0,8 (for ideal system it is one). In the case of the easily

diffusing NaOH the energy conversion becomes negligible and decreased to 0,01 and

the ratio Ap/Ait for r i ^ is as low as 0,15.

0,8

0,6

0,4

0,2 -

H2S04

NaCI

NaOH

10" io m

Figure 3.7.2: The concentration of coupling coefficient (eq. (3.7.11) for various

electrolyte solutions and Nation 120 membrane; 298 K.
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Figure 3.7.3: The dependence of the efficiency of osmotic into mechanical

energy conversion (eq. 3.7.10) on the ratio AP/AII; 298 K.

In order to examine the system further, the rate of fluxes for other electrolytes were

measured (Table 3.7.2). These results confirm that only the solutes perfectly rejected

by a membrane, like sulphuric acid, appears to be efficient in an osmotic pump. Only

in the case of a membrane highly permselectiveto the given electrolyte, the free energy

of mixing, which usually goes unexploited, can be put to effective use.

The following conclusions can be drawn(19):

• A high degree of osmotic to mechanical energy conversion ranging from 0,4

to 0,5 can only be achieved in a system with a membrane, which rejects the

solute almost entirely, that is with a - 1.

• A salt flux reaching even 4% of the osmotic flux of water (Table 3.7.1, NaCI)

results in a vast decrease of the efficiency of energy conversion (TI < 0,1).

• While in contact with an electrolyte which permeates Nafion 120 membrane

more easily (like NaOH), the system cannot convert the osmotic energy to any

remarkable degree (r| < 0,01).

70



Table 3.7.2: Experimental volume fluxes in the systems with Nafion 120

membrane

ELECTROLYTE

NaCI
Na^SO,
HCI

H3PO,

(* 109m/s)

10,8
4,59
36.7
42,0
6,72

Jv/Ait

(* 10-8m/s
atm)

0,236
0,145
0,70
1,76
0,60

3.8 Donnan Exclusion

If a resin is allowed to equilibrate in an electrolyte solution rather than in pure water,

the water uptake is comparatively less due to the lowered external water activity,

aw(< 1). Specifically, the osmotic swelling pressure becomes1"1

n - -(RT/vJ In ( a > J < -(RT/vJ In aw (3.8.1)

In addition to the water fraction, the dissolved ions will distribute themselves across the

membrane-solution interface according to a condition of free energy balance.

Qualitatively, the driving force for electrolyte uptake is the initial solute chemical

potential gradient across the interface. Considering this solely, the equilibrium

concentrations within and exterior to the membrane would be equal were it not for the

presence of the ionizable side-chains that through the constant of electro-neutralrty,

resist the co-ion uptake. A simple theory that explains the overall features of electrolyte

uptake by ion-exchangers was outlined by Donnan'761.

Assuming complete ionization, equivalent interdiffusion, electro-neutrality, and the

quality of single-ion activities and concentrations, the theoretical result for the free

energy balance across the interface between a 1 : 1 electrolyte solution of

concentration C (mol per litre) and cation-exchange membrane, in which the ionogenic

side-chain density is R, is

C(C + R) = C3 (3.8.2)

where C is the internal equilibrium electrolyte concentration and the membrane was

originally in the salt form. Immediately, it is seen that C < C and that co-ion exclusion

is enhanced by increasing R. As C becomes very large, the Donnan exclusion
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mechanism becomes increasingly less effective.

3.9 Relationship Between True and Apparent Transport Numbers

The relationship between true and apparent transport numbers has been described by

Laskshminarayanaiah(45).

The emf of a cell of the type shown in Figure 3.9.1 is given by the following equation

which cannot be integrated without knowledge of how 7, and Z, vary with external

electrolyte concentration.

E - - (2 RT/F) f $ - l(T3m± Nffjd In at
(3.9.1)

Refer ence

Electrode

t

Electrode

Potential

(i)

Solution Membrane

t
Donnan

Poiential

(il)

Solution

V
Donnan

Potential

Electrode

Potential

Reference

Electrode

Diffusion

Potential

Figure 3.9.1: Electric potentials across an ionic membrane separating different

salt solutions.

T+ and t̂ , must be found by separate experiments and their values must be

unambiguous without being influenced by factors such as current density and back

diffusion. Even then, what relation these experimental values bear to TT and "„ of eq.

(3.9.1) is not clearly known.

However, an approximate approach can be made by integrating eq. (3.9.1) within

narrow limits a± and a± . On integration, eq. (3.9.1) takes the form:

(t t -
3.

In - ^ (3.9.2)
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The emf of a cell of the type shown in Figure 3.9.1 can be calculated from the modified

Nernst equation.

E = 2t — In — (39.3)

which can be equated to eq, (3.9.3) to give1771:

I * t.(app) + 0,018m±v (394)

Hale and McCouley tested eq. (3.9.4) using different heterogeneous membranes and

found good agreement between true!„ measured directly and!,, calculated using eq.

(3.9.4). Their measurements although confined to a number of different membranes,

were made with one set of electrolyte solutions only (0,667 and 1,333 mol/j NaCI).

l_akshiminarayanaiahl7Bl checked eq. (3.9.4) over a wide concentration range. He found

that the T+ values calculated from eq. (3.9.4) were higher than the measured values

particularly in high electrolyte concentrations. This discrepancy existing in the case of

strong solutions is difficult to reconcile in view of the fact that Lakshminarayanaiahand

Subrahmanyas1*71 showed that eq. (3.9.1) is able to generate values for E (however

from measured values of t«. and t^) agreeing with observed values. A more recent

evaluation by Lakshminarayanaiah1791 has shown that eq. (3.9.4) is able to give values

for T+ agreeing with those measured directly.

The relationship of T+,atJP) obtained from emf measurements toT t measured directly,

unlike eq. (3.9.4), has been approached from a different standpoint by Oda and

Yawataya180'. The apparent transport number (t+(apP|) calculated from emf data was

related to the concentration of the external solution by an "interpolation technique".

This consists in measuring E using two solutions , c' and c", in the cell shown in Figure

3.9.1. In the first measurement of membrane potential, solution (") is so chosen that

c" is less than c' and in the second measurement c1 is held constant and c" is so

chosen that it is now greater than c'. Each of the two values of T+(aDP) calculated from

the two measurements is now referred to that particular concentration of c' used in the

experiment and plotted. The value of "u(app) pertaining to c' which is kept constant in

the two experiments is obtained by interpolation. Usually, Tt(aDPI is related to the mean

external electrolyte concentration, i.e. (c' + c")/2.

True values of T+ and Tw were determined by Oda and 'awataya from the same

experiment by the mass method which consisted in estimating the mass changes in
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both the salt and the water in the cathode chamber following the passage of a known

quantity of current through the system, electrolyte solution (c) •• membrane »•

electrolyte solution (c). The relationship between T+ and t+(app) was derived in the

following manner'801.

A selective membrane of fixed charge density X (equivalent per unit volume of swollen

membrane) in equilibrium with an external electrolyte solution contains X(1 - s)

equivalents of counter-ions and Xs equivalents of co-ions where s is the equivalent of

co-ions per equivalent of fixed group present in the membrane. This arises from the

Donnan absorption of the electrolyte by the membrane.

When an electric field is applied, ions and water move. In a membrane in which

interactions between different membrane components, viz., counter-ion, co-ion, water

and membrane, matrix, are absent, one may assume that the fixed water in the

membrane is negligible and that all mobile water moves with the same velocity and in

the same direction as the counter-ion. As a result, counter-ions move faster and co-

ions move slower than they would otherwise if water stood still. Consequently, the

mobilities (u's) of the counter-ion and co-ion may be written as:

- ' - _ - (3.9.6)

where +, -, and w stand for cation, anion and water, respectively. u+' and u.' are the

increased and decreased mobilities due to the transport of water.

Due to water transport, the specific conductance of the membrane is increased. If k1

is the membrane specific conductance, then

k' = F[X (1 - s) ut + Xsu!] <3 9 7>

On substituting from eqs. (3.9.5) and (3.9.6), eq. (3.9.7) becomes

k' = FX[(1 + s K + su. + uw]

If water transport is absent, the membrane conductance k is given by
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V = Fx[(l + s)u. + su_] (3-9-9)

It follows from eqs. (3.9.8) and (3.9.9) that the increase in conductance due to water

transport is given by

I t - I . w

Transport numbers by definition are given by

t = ( 1 + ^ (3.9.11)
(1 + s)u^ + su.

s)u.
I

su.

Substituting from eqs. (3.9.5) - (3.9.10) into eqs. (3.9.11) and (3.9.12) and remembering

that!t|apP) + t.(appi = 1( it can be shown that1601;

Substituting from eq, (3.9.10), eq. (3.9.13) becomes

* ( 3 9 - 1 4 )

When a potential of E volts acts along length icm of a membrane capillary, the water

in the pore moves with a mobility, u,, cm/s (i.e., E/f is unity). The volume (millilrtres)

of water flowing per second through a membrane subject to unit potential gradient is

given by 6E and is equal to (u«A) where A is the pore area. But 6, the volume of water

flowing per Coulomb is given by:

p = V / i <3-9-15)

where V is millilitres of water flowing per second and i is the current in amperes. But

i = k/\ per unit potential gradient and k, is the specific conductance of the pore liquid

of an infinitely swollen membrane {k, is really a modified membrane conductance).

Consequently, it follows that
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Equation (3.9.16) differs from the original equation of Oda and Yawataya which is

dimensionally incorrect'*51.

Substitution of eq. (3.9,16) into eq. (3.9.14) gives

^ (3.917)

But k' may be equated to cp̂ k, where <pw is the volume fraction of water in the

membrane. Equation (3.9.17), therefore, becomes

(3.9.18)

where Xv - X/<p«, equivalent of fixed groups per unit volume of interstitial water.

Since the method usually used to measure the transport number of waterT^ which is

equal to (F0/18), depends on following volume changes in the anode and cathode

chambers, the observed volume changes, which measures only solution flow, have to

be corrected for both salt transport and electrode reactions to give values for water

flow only. If reversible Ag-AgCI electrodes are used, the passage of a Faraday of

current produces at the cathode, a mole of Ag and" , moles of MCI (M = univalent

cation) and in the same time a mole of AgCI disappears. The actual increase in

volume AVC, which is equal to the volume decrease at the anode, due to water

transport, is given by

AV = AV + V - V - 7 V (3.9.19)
nVC U V o VAgCl VAg l * VMC1 V ;

where the V's are partial molar volumes and AV3 is the observed volume change. As

VAgC, = 25,77 and VAg = 10,28, eq. (3.9.19) becomes

AVo = AVo • 15,5 - 1+Vm

VMC| values can be evaluated using the usual equations'61* and T+ values must be

obtained by experiment using the appropriate concentration. Then
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FXV6 may be written as

where tw = F6/18 and We = 1 /18XV; i.e., moles of water per equivalent of ion-exchange

site. Substitution of these values in eq. (3.9.18) gives

-(app) L

or
(3.9.21)

Oda and Yawataya computed u values from eq. (3.9.18) by measuring t+,appl, s, X̂  and

6. Although these values were lower than the observed values of u , they considered

the agreement good since the divergence of the calculated values from the observed

values was within the limits of experimental error.

3.10 Electro-Osmotic Pumping - The Stationary State - Brine Concentration and Volume

Flow

3.10.1 Ion Fluxes and Volume Flow

In the unit cell flow regime ED becomes a three-port system like reverse osmosis. The

feed solution is introduced between the concentrating cells, passes between the cells

and leaves the system. The permeate composition is completely determined by

membrane performance under the conditions of the process. A schematic diagram of

a unit cell showing ion and water fluxes in the system is shown in Figure 3.10.1"'. For

a uni-univalent satt-like sodium chloride, the current density through a cation-exchange

membrane is related to the ion fluxes according to Garza |11 by:

I - F(z,jr + Zsk6) (3.10.1)

= F(j1
c-fc=) (3.10.2)

= F( | j r | + |fee]) (3.10.3)

where z, = 1 (cation)
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and z2 = -1 (anion)

and j , s and y are the cation and anion fluxes through the cation-exchange membrane

respectively.

Effective transport numbers are defined as follows'1 J):

t,c = | j , c | / ( | j , c | + |j2
c|) = (1 + Atc)/2 (3.10.4)

fa
e = |J2C|/(|kc| + |jic j) = 0 - Af)/2 (3.10.5)

where Atc = t,c - V (3.10.6)

andt,c + V = 1 (3.10.7)

Atc = difference between counter- and co-ion transport number or membrane

permselectivity.

t,c = cation transport number through cation membrane

t2
c = anion transport number through cation membrane

and the bar refers to the membrane phase.

at-,

rn

t

Ax

a(- )

a
2

•J° C f

- C f

Figure 3.10.1: Representation of fluxes in the ED unit-cell system.
c and a indicate the cation- and anion-exchange membranes and
subscripts 1 and 2 refer to the cations and anions, respectively (uni-
univalent salts); Ax: membrane thickness; 5's: effective Nernst layers;
c/s: feed concentration; cb: brine concentration; Jc and J*: water fluxes; j "
and j- anion and cation currents. Am: effective membrane area; Ac:
transversal area of the dialysate compartment; Q: flow of dialysate. The
arrows show the direction of the fluxes.
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Further,

\ke\) = V I / F = (1 + At=)l/2F

|bc|) = V !/F = 0 -At=)l/2F

(3.10.8)

(3.10.9)

(Note: Effective transport numbers are to be distinguished from the usual transport

numbers which refer to the above ratio's in the absence of concentration gradients).

The brine concentration, cb, can be obtained from the following material balance

(Figure 3.10.1):

(3.10.10)

where Jc and Ja are the water fluxes (flows) through the cation and anion membranes,

respectively.

Consider,

c _ H i .
b ~ | j ' |

Substitute eq. (3.10.8) into eq. (3.10.11)

(3.10.11)

(t= l/F)-(t» I/F)

Jc
(3.10.12)

(UAt1) 1/2F - (1-Ata) I/2F (3.10.13)

J/2F [(1+At0) - (3.10.14)

I (Atc+Ata)
~ 2 F ( | J ' | + | J '

(3.10.15)

I At

'F ( | J e | H J a | )
(3.10.16)

IA!
"2T3

(3.10.17)

79



{3.10.18)

and 2J = | j c | + | j a | (3.10.19)

The volume flow through every membrane is equal to the sum of the electro-osmotic

and osmotic contributions21.

Therefore J = Jetosm + Josm (3.10.20)

The electro-osmotic water flow for the cation and anion membrane is given byra:

(3.10.21)

(3.10.22)

The assumption here according to Garza & Kedeml2) is that the electro-osmotic water

flow is governed by the drag exerted by the ions. The 6's are 'drag' coefficients. They

represent the amount of water dragged along with every type of ion by electro-

osmosis. For tight membranes, the value of the B's should not be very different from

the primary hydration water associated with the ions. For por s membranes,

however, the value of the fl's may be several ten folds larger.

The osmotic contribution is given by(2>:

Josm = 2RTo Lp A(gcs) (3.10.23)

where R is the universal gas constant, T the absolute temperature, g the osmotic

coefficient, a the reflection coefficient and Lp the hydraulic permeability.

Therefore,

Jc
05m + Ja

osm = 2RT(gocb-gfct) < a V + ° V ) (3.10.24)

Introduction of equations (3.10.20); (3.10.21); (3.10.22) into equation (3.10.16) and

neglecting the terms ((3,c - i y ) V and (6z
a - S,a)t,a in comparison with fi,c Atc and

B2
a Ata, gives: (note: use was made of eq.(3.10.6)
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c h = _ ' ^ L + m J * (3.10.25)
FI(B?Ar + f>aAta)

(At^Af)/2 ( a i 0 2 6 )

Equation (3.10.26) is justified for very permselective membranes where t2
c and t," are

small, or where B,c = R/and Bs
c = B,a.

For high current densities, the second term (osmotic contribution) in the denominater

of equation (3.10.26) may be neglected.

Theref~re,

At*)/2 (3.10.27)
B)b F(BcAtc+BaAta)

For Rc * Ba and Atc = Ata (symmetric membranes), equation (3.10.27) becomes

r™" 1 1 (3.10.28)

where 2B = B,c + B2
a.

B,c and B2
a are the drag coefficients associated with the counterions. These coefficients

are identical with the electro-osmotic coefficient, B = (J/ t) i P , i T = o measured at low

concentration where co-ion exclusion is practically complete, i.e.

^counter-ion ~ ' ' ^co-ion ~ ^ -

The cases for which equation (3.10.28) applies (i.e. for very permselective and/or for

approximately symmetric membranes, at high current densities) are of considerable

interest and importance according to Garza and Kederrv2' since the brine concentration

depends only on the electro-osmotic coefficients, I3,c and B2
a. cb

mB* can also be

determined from equations (3.10.26); (3.10.27) and (3.10.28)

r - i A* (3.10.29)
F (J J)

(3.10.30)
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(3.10.31)

3.10.2 Symmetric cells

The theory of EOP in general leads to difficult computations which must be carried out

numerically according to Garza:1). However, there is one case in which results can be

given in terms of simple closed formula. This case depends on the assumption of a

symmetric cell0'. In a symmetric cell the cation- and anion-exchange membranes have

identical physical properties in all regards except for the sign of their fixed charges.

Because of cell symmetry, the magnitudes of the counter-ion fluxes through both

membranes are the same. When a symmetric salt is chosen like potassium chloride,

the anion and cation have equal mobilities. In other words, the magnitude of the cation

flux through the cation exchange membrane is the same as the magnitude of the anion

flux through the anion-exchange membrane. Also the magnitudes of the co-ion fluxes

through both membranes are the same, i.e., the magnitude of the anion flux through

the cation-exchange membrane is the same as the magnitude of the cation flux through

the anion-exchange membrane.

|-Jj|-Ifih|jfl-W (3-m32)

and thus

t= - f | ; ! • - ! • § ; AF = Ata = At (3.10.33)

Water flows also are of equal magnitude and opposite direction:

l ie I Ja J n , j c i. I (3.10.34)
j = j = j or J = — J = J

The amount of salt leaving through the brine outlet per unit time and membrane area.

2J cb, is related to the cation flows by (eqs. 3.10.10 and 3.10.19):

2Jcb =

and in the symmetric system is :

jel _ Ijal (3.10.35)

J=IAt/2chF (3.10.36)
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3 10.2.1 Current Efficiency

The amount of salt transferred per Faraday of current passed through a symmetric unit

cell is given from equation 3.10.36 by

Af (3-10.37)

The overall efficiency, E, is, however, somewhat smaller than tp, since water is also lost

with the salt. The effective current density, i.e. the purification of the product achieved,

is given by'11:

U=F(°-2J)(c rcB)=F(Q-2J)(Ac f) (3.10.38)

where Q is the amount of feed solution entering a channel per unit time, Am the

effective membrane area (Figure 3.10.1), A the degree of mineralization given by:

A 3 CP (3.10.39)

where

cf is the concentration of the feed solution entering the stack, and cp the concentration

of the product leaving it.

The mass balance for the salt is:

£ . -2J ) cp+2Jcb (3.10.40)
m m

Therefore

°-2J)(c f-cU2J(cb-c,) (3.10.41)e(/F=(^.-2J)(c rcp),2J{cb-c ()

and

fWx« (3.10.42)

83



where

sM=1-C/cb (3.10.43)

As is customary in ED, the overall efficiency is presented as the product of two terms,

one due to the lack of ideal permselectivity in the membranes, EP, the other reflecting

the loss of water to the brine, e*.

3.10.2.2 Electro-Osmotic Flow

Electro-osmotic flow is measured under the restrictions'1':

Ac = 0, dujdx = 0

Under these conditions are :

= (i, B, + k B2)F (3.10.44)

Equation 3.10.44 can also be written as ;

Je,osm = (Pit, - pata)l (3.10.45)

= EPi(ti-y + (6,-B^yi (3.10.46)

= [B,At + (B, - (32)t2]l (3.10.47)

For small values of t2, or for R, = (32 = 13 equation (3.10.47) becomes :

Jetosm = IJ°Atl (3.10.48)

where (3° is the customary electro-osmotic coefficient measured at low ionic strength

where co-ion exclusion is high and At » 1, i.e.:

B° - ( J / l ) i C = 4P = iT = O.At - i = (J«tasm/I)it - i

3.10.2.3 Osmotic Flow at High Co-Ion Exclusion

Osmotic flow is measured under the restrictions111:

I = Ap = o, it = y <=o.
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(absence of electric current, hydrostatic pressure and impermeable solutes). In this

case is'1':

JMm = L0oAic (3.10.49)

3.10.2.4 Volume Flow in Electro-Osmotic Pumping

The volume flow into the membrane concentrating cells in EOP is the sum of the

electro-osmotic and osmotic water flows and is given by(1):

Therefore.

J = - L, a AH + R° At I (3.10.50)

3.10.3 Non-Symmetric Cell

3.10.3,1 Porous membranes

In the previous section a simplified theory of the electro-osmotic pumping process was

given where only the symmetric cell case was treated. By 'symmetric cell' is meant that

the cation- and anion-exchange membranes are assumed to have the same values for

the physical properties of interest in the process, namely, absolute effective charge

density, electro-osmotic coefficient, and hydrauiic permeability. If this were not the

case, the calculations would become much more complicated since At (difference

between the effective transport numbers of counter- and co-ions) may have different

values for the two types of membranes, and the expression for the brine concentration,

cb, will not be as simple as for the symmetric case111. cb may be found in the general

case from material balance considerations to be equal to : -

(3.10.11)n - F

From the definition of 'effective' transport numbers given before (eqs, 3.10.4 and

3.10.5), it can be written :

= (1 + Atc)l/2F - (1 - Ata)l/2F
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= (Atc + At*)l/2F (3.10.51)

The volume flow is given by the sums of electro-osmotic and osmotic terms, namely:

" — "elosm

= (B,t, - B2tz)l + 2RT a Lp A(<}>s cs) (3.10.52)

Therefore,

J c | +

= I (B ,V - B2%
c + Ba%» - B , V ) + 2RT (<frbcb - <fccf) x (ocLp

c + oa Lp
a)

= l[B,c(tr - tac) + (B,c - Ba%e + I33
a(ta

a - t,a) + (fie» - R,a)t,a] + ... + 2RT (<j>bcb - <J>tc,)

X (ocLp
c + aa Lp

a) (3.10.53)

for small values of t,c and t,a, or for (3,c = B2* = Bc°, and 13/ = B,a = Ga° ; equation

(3.10.53) becomes:

| Jc j + | Ja | = l((3,c A f + R/ Ata) + 2RT (<J>bcs - <j>A) x (oc Lp
c + oa Lp

a) (3.10.54)

Substituting equations (3.10.51) and (3.10.54) into (3.10.11), gives:

(3.10.55)
B= Ar+6!At»)+2RT<<t>bcb - <|),cf)(o'L| + o«

In the case of high current density, the second term in the denominator of equation

(3,10.55) can be neglected. Therefore,

_

Plots of At versus current density for every membrane are expected to have the same

kind of behaviour as for the symmetric cell case, as no new elements have been

added. The value of cb, however, depends now on the properties of both membranes,

and not on those of only one of them. Therefore, for high current densities the values

of At become independent on I, and can be calculated111. Since the values of At

depends on cb, which in its turn depends on Atc and At3, trial and error calculations are

necessary according to Garza.



In conclusion, for the non-symmetric-cell case (as for the symmetric cell) the following

is expected111:

The Coulomb efficiency of the concentrating cell will reach a maximum

(plateau) value at high current densities (below the limiting value of the current)

e = At = If - t,a = (1 + Af)/2 - (1-Ata)/2

= (Atc + Ata)/2 (3.10.57)

The brine concentration, cb, to reach a maximum value {also at high current

densities below the limiting value) independent of I and of the feed

concentration;

The volume flow (3.10.54) versus I At plots will become straight lines at high

current densities since the osmotic contribution becomes almost independent

of current density when the latter is sufficiently high (because cb becomes

constant and c1 - the concentration at the feed interface (Fig. 3,10.1) may be

kept within certain limits by controlling concentration polarization); and the

electro-osmotic contribution is directly proportional to I At (At - (Atc +

Ata)/2, when either Atc = Ata or B,c = B2
a.

3.11 Flux Equations, Membrane Potentials and Current Efficiency

Flux equations, membrane potentials and current efficiency relevant to EOP-ED have

been described by Kedem and Bar-On'5'. The total ED process comprises three

independent flows and forces; electric current and potential; volume flow and

pressure/osmotic pressure: salt flow and concentration difference. For small flows and

gradients linear equations can be written for each of the flows, including the influence

of all gradients'141.

In practical ED, especially in EOP, flows and forces are large and one can not expect

linear equations to hold, even if the usually defined membrane transport coefficients are

constant, according to Kedem and Bar-on. In fact, transport coefficients may vary

considerably in the concentration range between feed and brine. For an adequate

discussion of flows under these conditions, Kedem and Bar-On have followed the

analysis given previously for reverse osmosis'a2'.
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In the schematic presentation <;hown in Figure 3.11.1, the membrane is broken down

into differential elements, separated by uniform solution segments which are in

equilibrium with the two contiguous membrane faces, All fluxes going from left to right

are counted positive. The gradient of a scalar y, dy/dx, is taken as the value of the

scalar on the right (double prime) minus the value on the left (single prime), divided by

the distance. On the other hand, the operator A is defined with the opposite sign, in

order to bring the notation used by Kedem and Bar-On in line with that of previous

publications'5':

Ac = c' - c" and

y = fdy

dx
r_

V

Feed solution

V

Brine

>c

Membrane

Figure 3.11.1: Schematic representation of cation-exchange membrane.

Salt flow across a differential layer of cation-exchange membrane can be written as a

function of electric current, volume flow and concentration gradient according to

Kedem and Katchalsky'14':

Se = = cs (1-oc)J; + PAc • At I (3.11.1)

where

Atc = t,c - ta
c = 2t,c - (3.11.2)
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Equation (3,11.1) can be derived as follows according to Kedem and Bar-On'51:

In a discontinuous system containing water and one uni-valent salt in the absence of

hydrostatic pressure, the rate of free energy dissipation is :

<J) = j , A(i, + JaApj + j » i | i . (Al)

where the \x,'s are the electro-chemical potentials of ions 1 and 2.

A pT, + A fT2 = A | i 5 (A2)

AjT, + AiTa = 2FAT(Ap = 0) (A3)

I = F(J, - J2) (A4)

A ^ = -Vw Alls (A5)

Jv = Vw Jw (A6)

Equation (A1) can be transformed to :

because

The salt flow was identified with J, (uni-valent cation). Therefore

J , = J,- I /F (3.11.3)

The expressions for the ion fluxes in terms of the practical coefficients are1141:

J, = coAH + Cs (1 - a) Jv + t,l/F (3.11.4)

and

J2 = uAI I , + C5 (1 - a) Jv - (1 -t,) I/F (3.11.5)
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Therefore, the satt flow

= Cs(1-o)Jv * W 4 n s • ^ ! / F (3.11-6}

where w = solute permeability

and ATTS = difference in osmotic pressure of permeable solute

Equation (3.11.1) is identical with equation (3.11.6).

P in equation (3.11.1) is the specific salt permeability, Ac the concentration difference

and a the reflection coefficient. In an ideally permselective cation-exchange membrane

will Atc - 1, P - 0, a - 1, so that Sc = 1/2F. Similarly, in an ideal anion-exchange

membrane will Ata - 0, P - 0, a - 1, and •$* = 1/2F and tic = 1.

Consider now a cation-exchange membrane in which salt exclusion is not complete

with co-ions carrying a significant fraction of the current'51. In this case At will be

smaller than 1 and will decrease with increasing cs (salt concentration) as salt invasion

becomes pronounced. Salt permeability will increase when cs increases. If the

influence of volume flow is negligible, a constant Stationary value of Sc is possible only

if the concentration profile is concave, i.e. dc/dx decreases from the feed to the brine

surface151. A region of constant cs may then develop near the brine surface at high

current density. The upper limit of the partial current efficiency r|c
c is then determined

by Atc characterizing the membrane equilibrated with the brine solution. The same

argument holds for the anion-exchange membrane. Therefore, according to Kedem

and Bar-on, without the influence of volume flow

when back diffusion is overcome by high current density.

The conventional method for determination of transport numbers is the measurement

of membrane potential, i.e. AT between two solutions separated by the examined

membrane without electric current. The potential across a differential layer is given by

the expression151:

where (3 is the electro-osmotic coefficient and Lp is the hydraulic permeability. The last
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term represents a streaming potential. If this can be neglected, the potential between

feed and brine solution is given by :

) * (3.11.9)
nc,s

for an ideal membrane is At = 1

AT = 5 1 In ( C ' Y "^ (3.11.10)

where y- is an activity coefficient and the average transport number is

(3.11.11)

This average transport number, according to Kedem and Bar-on, is closer to the value

for ct than for cb. The conclusion from equations (3.11.7), (3.11.9) and (3.11.11) is that

for concentration dependent transport numbers, the actual current efficiency is

expected to be less than predicted from membrane potentials, i.e.

A TJTa I

(3.11.12)

The correlation given by equation (3.11.12) is valid only if the influence of volume flow

is negligible.

The potential per cell pair, Vcp (in volt), at a given current density (i = I/cm2, mA/cm2),

is the sum of several terms14':

Vcp = Vn + i (Rm + Rp + Rd + Rb) (3.11.13)

where Vn is the concentration potential, a counter driving force built up by the

concentration process. Its magnitude depends on the concentration ratio between the

brine and dialysate and the permselectivity of the membrane at the given conditions.

Vn is measured during interruption of the current for a few seconds • long enough to

disperse concentration gradients nearthe membranes, short enough to avoid changes

of bulk concentration.

• Vn

i is the resistance of the cell pair; Rm membrane resistance;
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Rb brine compartment resistance; Rc dialysate compartment resistance; and RP the

ohmic resistance and additional counter potential due to polarization layers adjacent

to the membrane surface facing the dialysate. In this system, R6 is negligible, since the

brine is always more concentrated than the dialysate. For the simplest characterization

of the system, it can be written141:

where p is the specific resistance of the dialysate solution, and deff is the effective

thickness of the dialysate compartment. In this simple representation the shadow effect

of the spacer, polarization layers and any other possible disturbances are lumped into

The measurement of vottage and current during desalination at a given circulating flow

velocity gives the stack resistance as a function of concentration. If desalination is

carried out at constant vottage, straight lines are obtained for a plot of cell pair

resistance (Rcp) as a function of specific resistance of the bulk dialysate solution (p) in

a wide range of currents and concentrations (c). This is due to nearly constant i/c,

which determines, at given bulk flow, the polarization. Straight lines show not only that

Rd, but also that the contribution of polarization, is an approximately linear function of

bulk dialysate resistance.

3,12 Electrodialysis Theory

3.12.1 Basic Principles

An ED cell is shown in Figure 3.12.1. It comprises of a driven electrochemical cell

containing electrodes at each end and a series of compartments or channels of

typically 1 mm width, separated by membranes181, Alternate membranes are "anton

permeable" ("A" in Fig. 3.12.1) and "cation-permeable" ("C" in Fig. 3.12.1). The

membranes are thin sheets of polymer which have been treated with cationic and

aniontc groups to impart selective permeability. Under the influence of an applied

potential between the electrodes, current flows within the ED cell, being carried by

cations - which tend to migrate towards the negatively charged electrode (cathode) -

and anions - which tend to move in the direction of the positively charged electrode

(anode).
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Figure 3.12.1: General layout of an ED stack. Dil = diluating compartments;

Con.c = concentrating compartments.

To see how water purification can occur in such a cell, consider the smaller set-up

shown in Figure 3.12.2 and, in particular, the events in the compartment marked D2.

The various cations present in the water (say Na+, Ca2+, etc.) can pass freely through

the cation-permeable membrane at one end of the compartment and the anions can

pass through the anion-permeable membrane at the opposite end. However, neither

the cations nor the anions can move out of the adjacent compartments F because the

membranes towards which they move (under the influence of the applied potential) are

of the wrong type (electrical charge) to allow passage of the ions. Ions, however, can

escape from compartments Da. The result of all this, in a multi-compartment cell, is that

water is diluted and concentrated in alternate compartments (as noted in Fig. 3.12,1) -

thus enabling the collection of the purer water from the so-called diluate channels.

During ED of a natural water, several electrode reactions are possible, but the most

generally observed ones areI83):

Hydrogen evolution,

Oxygen evolution,

or

2I-T + 2e = r Ha (cathode)

4 (OH)- = i 0 ; + 2HaO + 4e (anode)

2H2O = l 02 + 4H+ + 4e (anode)

(3.12.1)

(3.12.2)

(3.12.3)
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Figure 3.12.2: Ion movement during ED.

3.12.2 Desalting Rate

An important factor in any desalination process is the rate at which desalination occurs.

In order to determine the factors which control the desalination rate in an ED unit, it is

necessary to examine in some detail the ion-transport processes occurring in the cell116'

(and particularly within and around the membranes). This is done by considering the

ion-transport numbers (i.e. the fraction of the current carried by the different kinds of

ions in the cell), in particular, it is necessary to compare the transport numbers in the

bulk solution and in the membranes. Consider, therefore, desalination of a solution of

sodium chloride. In the bulk solution, away from the membranes, the current is carried

by the opposite drift of Na* and CP ions, in fact, 60% of the current is carried by the

Cnons and 40% by Na+ ions, i.e. the transport numbers in the bulk solution are t, =

0,4 and t2 = 0,6. In perfect membranes, however, only one type of ion can pass

through a membrane and the total current is carried by that ion. The characteristics

of perfect and practical ion-exchange membranes are shown in Table 3.12.1.
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Table 3.12.1: Characteristics of perfect and practical ion-exchange membranes.

Membrane Type

Perfect membrane

"Practical" membrane

Cation-permeable
membrane (CPM)

f, = 1,0; pj = 0

tc. ~ 1,0; tc
2 < < 1

Anion-permeable
membrane (APM)

ta, = 0;t% = 1,0

ta, < < 1; ta2 a 1.0

where t", = transport numbero of cations (Na*) in CPM

t^j = transport number of anions (CI) in CPM

t>, = transport number of cations in APM

t% = transport number of anions in APM

The efficiency with which a membrane excludes a particular ion is expressed by the

permselectivitv of the membrane with respect to that ion. The permselectivity is defined

as follows171:

For cation permeable membranes:

pc „ *2 ~ *2 = *i " *i (3,12,4)
t2 1 - t,

For anion permeable membranes:

p» *1 " ** a h~k (3.12.5)
ti 1 - ta

Consider now the ion transport processes occurring within an ED unit and it is useful

to begin with a simple cell containing sodium chloride solution with just one perfect

membrane (a CPM) inserted (Fig. 3.12.3). In the situation depicted in Figure 3.12.3,

chloride ions are drifting to the right and sodium ions to the left. At the membrane the

sodium ion flux is proportional to the current I. Thus, as indicated in the magnified

sketch of the membrane region (Fig. 3.12.3a),

tNa^ = 1,0; tcl. = 0,0

i.e. the Na" migration rate is I/F equiv/s where I is the current and F is Faraday's

constant. In the bulk solution on either side of, but away from, the membrane,

t to+ = 0,4 and tz, = 0,6

i.e. migration rates in equiv/s are 0,4 I/F of Na* and 0.6 I/F of Cl\

Consider now the two boundary-layer regions on either side of the membrane. The

95



ion flow due to the electrical current will produce the following mass balance for the

passage of each Faraday of current.

R.H.S. Sodium

Inflow from solution Outflow through membrane

0,4 1,0

Sodium depletion = 0,6 (equiv)

Chloride

Inflow from membrane Outflow to solution

0,0 0,6

Chloride depletion = 0,6 (equiv)

Consequently, it appears that there is a deficiency in the salt mass balance on the

R.H.S. of the membrane, when account is taken only of the electrical flow of ions.

However, the nett efflux of salt from this region will reduce the concentration at the

membrane surface and this will trigger an additional migration process, namely a

diffusive flux of salt from the bulk solution into the depleted boundary region. In the

steady state, the mass flux due to diffusion must be equivalent to sodium and chloride

depletion rates of 0,6 (caused by the electrical flux) in order to maintain the salt

concentrations in the boundary region.

L.H.S. Sodium

Inflow from membrane Outflow to solution Accumulation Rate

1,0 0,4 0,6 (equiv)

Chloride

Inflow from solution Outflow to membrane Accumulation -ate

0,6 0,0 0,6 (equiv)
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Figure 3.12.3 (Upper) and Figure 3.12.3(a) (Lower).

Processes occurring within and around a cation-permeable membrane in an

electrochemical cell containing NaCI solution.

In a similar manner to the salt deficiency on the R.H.S. of the membrane as a result of

Coulombic migration, there appears to be an accumulation of salt on the L.H.S. of the

membrane equivalent to a transport number of 0,6. This imbalance of mass flow is

again in the steady state, counted by a diffusive flow of salt. This time the salt

concentration is increased at the membrane surface by the electrical migration and the

salt therefore diffuses away into the bulk of the solution. Comparing this situation with
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the straightforward electrolysis process without the membrane, the nett effect of

inserting the membrane is to produce an apparent diffusion of salt from right to left

across the membrane. The rate (in equivs per Faraday) of this apparent diffusion

transport number, Tr,c may be expressed in terms of the transport numbers. For the

present case, it is clear that TDC = 0,6 equiv/Faraday, i.e. T ^ = t2. However, in the

general case for imperfect membranes, a similar analysis as that above leads to:

Toe = t2 - V

A similar analysis and argument may be set up for an anion-permeable membrane.

In this case, if the membrane was perfect (i.e. t,a = 0 and t2
a = 1,0), there would

appear to be a salt depletion on the L.H.S. To balance these there would have to be

an apparent diffusion of salt from left to right across the membrane. In this case for

an imperfect membrane, TDA = t, - t,a which reduces to TDA = 0,4 for the case of

a perfect APM in a NaCI solution.

Consider now what will happen if an anion-permeable membrane is inserted on the

right hand side of the cation permeable membrane in Figure 3.12.3, Such a set up is

depicted in Figure 3.12.4. Passage of current through this system will produce an

apparent effect of salt diffusion out of the space between the two membranes. For the

simple example of perfect membranes in NaCI solution, the rates of these apparent

diffusions will be

To the left across the C.P.M., T ^ = 0,6

To the right across the A.P.M., T0A = 0,4

But, for the general case with imperfect membranes TDC = t2 - t2
c and TDA = t, - V-

Therefore, the total apparent diffusive flux out of the central compartment of a set-up

like Figure 3.12.4 is:

To = TDC + TDA = ta - t2
c + t, - t ,a (3.12.6)

= 1 - V - t,a equiv per Faraday (3.12.7)

= 1 for perfect membranes. (3.12.8)

TD, the salt flux out of the central compartment, is clearly a measure of the desalting

rate, i.e. for a current flow of I amp,
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Desalting rate = I/F (TDC + TDA) equiv/s

I/F equiv/s (for perfect membranes).

(3.12.9)

(3.12.10)

Hence, for a system with perfect membranes, the salt removal from the space between

the membranes is exactly equivalent to the charge that is passed through the system.

This is exactly equivalent to the decrease in salt concentration in sodium chloride in a

simple electrolytic cell in which the electrode reactions involved sodium deposition

(cathodic) and chlorine evolution (anodic). (Note: If the membranes been the other

way round in Figure 3.12.4, the APM on the left and the CPM on the right, then the

effect would be to concentrate rather than dilute the solution between the membranes).

Thus, the desalting rate increases with cell current. Another important factor is the

number of membranes. As mentioned earlier, the above expressions apply to a simple

ED cell containing just one pair of membranes. The system can be greatly improved

by inserting many pairs of membranes because each pair produces an equivalent

amount of desalination. Thus, the total desalination achieved per unit charge flow is

C.RM. APM.

Salt i i
Con? J

Conc Dil Conc

Cation Anion
Permeable Permeable

Membranes

Figure 3.12.4: Ce containing a pair of membranes.
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N times that in a one-pair set-up, where N is the number of membrane pairs, i.e.

Desalting rate = Nl (TDC + TDA) (3.12.11)
F

Note that, in Figure 3.12.2, there are 6 membrane pairs giving a desalting rate of 6I/F

equiv/s for perfect membranes.

3.12.3 Energy Requirements for Electrodialysis

In order to estimate the energy requirements for ED all the potential differences (or IR

drops) in the cell must be investigated. The required applied voltage for ED comprises

several elements'181:

i) a voltage necessary to drive the electrode reactions;

ii) a voltage required to overcome the aqueous solution resistances in the ED

cell;

iii) a voltage necessary to overcome the membrane potentials;

The first of these is determined from the electrode potentials for the particular electrode

reaction and increases with cell current due to polarisation of the electrode reactions.

However, in commercial units, this component of the required applied voltage is usually

small in comparison to those arising from (ii) and (iii). Therefore, the latter factors will

be considered in more detail.

3.12.3.1 Solution Resistances

The resistivity of an aqueous electrolyte decreases with increasing ionic concentration.

Therefore, IR drops through the diluate channels are considerably greater than those

through the concentrate channels. A further complication, with consequences for ED

energy requirements, is concerned with concentration changes which occur in the

regions immediately adjacent to the membranes. These are summarized in Figure

3.12.5 which illustrates that salt depletion occurring in the boundary regions adjacent

to the membranes in the diluate channels and enrichment occurring in the boundary

layers on the concentrate side of the membranes. For a cation-permeable membrane,
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Figure 3.12.5: The cell pair showing salt depletion occurring in the boundary

regions adjacent to the membranes in the diluate channels and

salt enrichment occurring in the boundary layers on the

concentrate side of the membrane.

Figure 3.12.6: Concentration changes in boundary layers around membranes.

the concentration of salt in the "diluate boundary layer" is lower than the concentration

of salt in the "main diluate stream", but the salt concentration is relatively enriched in

the "concentrate boundary layer". Both these effects are clear on the concentration

profiles shown in Figure 3.12.5. This phenomenon is very similar to concentration

polarization processes which can occur around electrodes in electrochemical cells

except that, in the present context, there is an unbalanced Faradaic transport in and

around membranes which promotes additional diffusion fluxes to establish the steady-

state concentration profile. Thus, these concentration-polarization phenomena around

membranes in ED cells are a natural and inevitable result of the desalting mechanism

i.e. of the change in electrical transport numbers at the membrane interface upon which

the ED desalination process relies.

One important practical consequence of concentration polarization around membranes

in ED units, indicated in Figure 3.12.5, is that the resistance of the diluate boundary

layers is significantly greater than in the bulk diluate stream. Therefore, the occurrence
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of concentration polarization increases the energy requirements for ED.

3.12.3.2 Membrane Potentials

When an ion-selective membrane separates two solutions of a salt at different

concentrations, a potential difference is set-up across the membrane. This happens

because, in the absence of any applied potentials, Na t ions will tend to migrate across

the cation-exchange membrane from the concentrated solution to the diluate solution.

This will lead to a charge imbalance across the membrane with the diluate side

becoming positively charged relative to the concentrated side. Eventually this potential

difference across the membrane will build up to such a level that further ion transfer is

discouraged and the value of the potential difference at this equilibrium condition is

known as the membrane potential. For a salt consisting of single-charged ions, and

assuming that activities can be equated to concentrations, the magnitude of the

membrane potential is given by

Em = -ft, I ) - ? I | n { ^ ) (3-12.12)

where Cw1 and C^ are the concentrations of the salt in the concentrated and dilute

solutions respectively.

The important point about the above is that natural flow across a membrane is from

concentrate to diluate (i.e. the opposite to that required in desalination) and, to reverse

this natural flow direction requires the application of a potential of magnitude greater

than En,, i.e. the membrane potential represents a potential drop which has to be

overcome by the external applied voltage in order for desalination to occur. However,

this is not the whole story. The magnitude of the membrane potential indicated by the

above equation only applies to the equilibrium (i.e. infinitety-low current) state. As

previously discussed, an inevitable consequence of desalination at finite currents is the

occurrence of concentration polarization. The consequent concentrate enrichment and

diluate depletions at the membrane/solution interface means that Cwl will be greater

than the bulk concentrate composition and C^ will be less than the bulk diluate

concentrations. Therefore, another important effect of concentration polarization is to

increase the membrane potential and hence the energy requirements for desalination.
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3.12.3.3 The Cell-Pair Potential

The major part of the energy requirements for ED comprises the voltage necessary to

overcome the solution resistances and membrane potentials. Estimation of the voltage

is conveniently done by considering one cell pair which, as shown in Figure 3.12.5,

encompasses a pair of membranes. The cell pair potential V=p, is the sum of all the

potential drops across the membranes and solutions comprising one cell pair.

Consider the basic conflict between attempts to maximise desalting rate and to

minimize energy requirements. The flux of salts from the diluate channel is given by

TD = 1 - t / - t , a (3.12.13)

and that the desalting rate, d, is given by:

d = fTp equiv cm3 s1 (3.12.14)

F

(using current density, i, instead of current I). The power required to drive a cell pair

is:
P = Vcp i watts cm2 (3.12.15)

Therefore, increases in i, whilst raising the desalting rate, also lead to higher energy

consumption - not only directly but also by increasing Vcp due to higher IR drops and

concentration-polarization effects.

3.12.34 Resistances

The major contributor to Vcp is the resistance of the diluate stream. It is normal practice

to keep the concentration of the concentrate high enough for its resistance to be

negligible in comparison to that of the diluate. Modern membranes have, however,

negligible small resistances. As a first approximation, it can be considered that the

diluate stream is providing al! the resistance. To calculate the resistance, the main

stream and the boundary layers must be considered separately.

Considering the total thickness (including boundary layers) of the diluate stream to be

T cm (typically 0,1 cm) (see Fig. 3.12.6). Let the thickness of the boundary layers

(adjacent to the membranes) be 6 (determined by hydrodynamic conditions and

typically 0,01 cm).
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3.12.3.5 Main stream of diluate

The resistance of 1 cm2 cross section, d, is given by:

Rd = t - 25 ohm (3.12.16)
K

with the conductivity, K. expressed in units of (ohm/cm)'.

But the conductivity, K, depends on the concentration Cd (equiv/cm3) of the diluate

stream via * = ACd (3.12.17)

where A = equivalent conductivity in c:rr7ohm equiv.

= t -25 (3.12.18)
ACd

3.12.3.6 Boundary layers of diiuate

Faradaic transport (i.e. under the influence of the applied electric field) of ions, across

the membranes out of the diluate compartment, leads to a depletion of saft in the

boundary layers which, in turn, causes a diffusion flux from the bulk diluate. The

concentration gradient across the boundary layer stabilises (i.e. steady-state conditions

are established) when the two fluxes are equal.

Consider the CPM boundary layer (left diagram on Fig. 3.12.6).

Faradaic Flux = i/F (t2 - t2
c) = (rt̂ /F) (3.12.19)

Diffusion flux = -D d£ (3.12.20)
dy

Therefore, at steady state,

D dc = t, i/F (3.12.21)
dy

Conductivity (and hence -esistance) is concentration dependent. Therefore, to find the
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boundary-layer resistance, RBC, integration must be carried out across the layer.

Resistance of element Sy = —^ = —%-
K AC

Therefore, resistance of boundary layer,

RBC = C ^

(3,12.22)
(see Fig. 3.12.6)

(3.12.23)

Concentration gradient (assumed linear - see Figure 3.12.6) ts:-

w - Cddc
dy 8

(3.12.24)

Changing the integration variable limits:-

RBC = £ c
AC

dc =
(Cw-Cd)A (3.12.25)

m.._JW-m(^
(Cd - CJA

(3.12.26)

(since Cd - Cm - -{Cw - Cd) and In x = - In 1/x)

An alternative expression for RBC can be produced by using the previously formulated

steady-state relation.

dy 2 F

(Cw -CJ D(Cd - CJ (3,12.27)

FD
(3.12.28) (A)

• • B C

5FD
t,6iA

In c

1

1

FDJ.

(3.12.29)

FD
tj iA

In 1 -
t2fii

FDC,
(3.12.30)
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A similar analysis can be carried out to obtain an expression for the resistance, RBA, of

the diluate boundary layer at the APM (right hand side of Figure 3.12.6). This leads to

the following expression:-

fl« • " f *> (1 - ^ ) (31231)

The depletion of solute in the boundary layers arises from the rapid flux of solute

species through the membranes - this flux being directly proportional to the current

flowing in the cell. In other words, as i increases from zero, the concentration gradient

in the boundary layer increases (Cw decreases as i increases). It follows, therefore, that

there are limits to the current that can be carried by the solute ions in an ED system -

this limit being reached when C,, approaches zero.

As Cw approaches 0, equation (A) becomes:

c =
 t 2 6 W (3.12.32)

d ~ FD

and

i ^ . ^ ^ (3.12.33) (B)

which in turn, defines, for any given ED unit, a definite limit to the desalting rate -

Another aspect of this "limiting current density phenomenon concerns the transport of

H+ and OH' ions across CPM and APM membranes, respectively. At low current

densities, the current is carried almost exclusively by solute ions rather than by HT and

OH'. This is because of the very low concentrations of H+ and OH' in neutral solution

(107 mol/fl) - and is despite the approximately ten times higher mobilities of H+ and

OH compared with solute ions. But, as i increases, the flux of H* and OH across the

membranes increases until, as i ^ is approached, the flux of H+ at the CPM and of OH"

at the APM becomes a substantial fraction of the total current. In rather more precise
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terms, because of their tenfold higher mobilities, an appreciable fraction of the current

will be carried by H+ and OH\ present at concentrations of 107 mol/e, when the solute

concentration at the membrane/diluate interface Cw, falls towards a value of about 5 x

10s mol/j. Such a situation not only results in an obvious decreased efficiency of

desalination but also in highly undesirable pH changes in the solutions. One

consequence of such pH changes is that they can lead to an increased tendency

towards scale precipitation if the pH increases significantly in any local region.

3.12.3.7 Membrane Potentials

The contribution of membrane potentials to the cell-pair potential is most conveniently

predicted by considering ED of a solution of a single salt comprising of univalent ions.

As was noted earlier, for this case the membrane potential was given by:

Em • - f t . - g . £ 1 hi <k (3.12.34)

wnere Cw1 and C^ now represent the bulk concentrations of the salt in the

compartments on either side of the membrane. Note, though, that the membrane

potential is determined by the salt concentrations at the membrane/salt interface. It

was noted earlier that finite cell-current flow resulted in salt depletions and enrichments

within the boundary region beside the membrane. In such circumstances, Em will no

longer be determined by the bulk-salt concentrations (Cwl and Cw2) but by the

concentration-polarised membrane/boundary layer interfacial values (CwK and Cwdc, in

the C.P.M. in Figure 3.12.7). Therefore, in order to obtain an expression for Em in these

practically-relevant conditions, it is necessary to estimate the concentrations Cwbc and

Cwdc for C.P.M.and Cwda and CwBa for the A.P.M.. This exercise is considerably

simplified if it is assumed (see Figure 3.12.7) that the four boundary layers have

identical effective thickness, 3. If we assume a perfect cation permeable membrane

{C.P.M.) and use the notation of Figure 3.12.7, the polarised C.P.M. membrane

potential is given by:-
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In (3.12.35)

Now Cd
t.-6i (see A) (3.12.36)

• c d -
FD

(3.12.37)

Similarly C ^ = Cc +
FD

hence En

Similarly for the AMP.

RT In

cc
c d

1

FDCd

t>-5i
FDCa

E = —

t,-5i

FDCH

1 -
FDCT

(3.12.38)

(3.12.39)

(3.12.40)

Concentrate Oiluate
C.PM

Concentrate
P M

Figure 3.12.7: Concentration polarisation effects on membrane potential.

If the concentrate stream is several or more times as concentrated as the diluate

stream, then
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V. t^i
Cd FDCd

(3.12.41)

because (see equation B) (3.12.42)

and i has a maximum value of 1
'max

All the relevant terms have now been covered, which, to a first approximation,

contribute to the celt pair potential Vcp.

Cell pair potential V^ is given by:

i.e. VCB = i (Rd + RBC + RBA) + Eme + EB (3.12.43)

ACd {
_ FD In L _ j |

[ FD
g In

FDCdJ t,A [ FDC

RT In
Cd FDCd • T ' l 1

RT
F Cd FDCd FDC,

(3.12.44)

Rearranging: -

i(t - 26) f FD RT
AC

i ^ • ^ - In 1
FDCd

F D RT
F

In 1
t,5i

FEXT

RT
FDCd Cd FDCd

(3.12.45)

109



Further simplification of the bottom line of the above expression it is necessary to recall

that:-

CH FDCd
and similarly

t,8i

v
- 25) i' FD

op
RT In 1

t>5i

FDC,
FD RT

F FDC,

2RT (3.12.46) (C)

The order of magnitudes of some of the terms in the above relation is as follows by

considering the desalination of sodium chloride:-

F = 96 500 Coulomb/equiv, t2 = 0,6, R = 8,3 joule/°K

D (diffusion coefficient) = 1,5 x 105 cm2/s, t, = 0,4

A =s 108,9 cm2 ohm ' equiv1.

From which we can estimate the following terms:-

FD = 96 500 x 1,5 x 105 coulomb cm2 ohm equiv = volts
t2A 0,6x108,9

= 0,02215 volt

equiv s cm3

RT = 8.3 x 300
F 96 500

0,0258 vott

In short FD and RT are of the same order
:A F

AlsoFD = 0,03323 volt
t,A

Remember also that U6\ and t,5i have maximum values of 1.
FDC FDCa

Of the remaining terms in equation (C) t,8 and C, may be considered as design

parameters which may be chosen and fixed. Therefore, in estimating the energy

requirement for VCP, it remains to find the most suitable combination cr /ariables in V.,,

i and Cd. A convenient way of doing this is too recast equation (C) in a non-

dimensional form. This operation can be done in several steps:-
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(\) Muftiply both sides of (C) by F/RT.

This makes the L.H.S of (C) V,PF which is a (voltage) non-dimensional term,V,PF
~RT

(ii)

which we call V.

The first term on the RHS of (C) now becomes

CdA RT

If we multiply this term by j ^ ^ = CdFD x 1

w e g e t i _ ^6 FfD
6 AtzRT

FfD = (J A

when it is separated into three non-dimensional terms

t -2b

F2D
At2RT

(3.12.47)

(3.12.48)

(3.12.49)

(3.12.50)

(3.12.51)

(iii) Replace CJCd by C-another non-dimensional ("concentration ratio") term.

The substitution of the above non-dimensional terms into (C), together with

some manipulation, gives the following non-dimensional equation:

V =

Simple Resistance

pA.1 - (1 + P) In

Polarization

(1 -1) -(; + 1 , p>
t,

In (1

Useful

+ 2 l n C (3.12.52) (D)

Possible rai iges of values for X I, and C

0 < k < large

0 < I < 1

10 < C < 200

Typical plant values

9

0,95

15- 70
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Equation (D) is divided into terms coming from simple resistive losses (since the (JM

term is derived from the first term on the RHS of equation (C) which represents the

bulk dilate resistance), and the work done against the membrane potentials (said to

be "useful" because it represents the minimum energy without polariza- on effects), and

the polarization-losses (all these terms being derived from all the terms in (C) except

the first and the last (simple membrane potential). These contributions to the cell pair

potential may be plotted separately as they are in Figure 3.12.8. The "useful" potential

is only a function of C and the two "loss" potentials are both functions of I, the resistive

loss being a function of X as well. This graph then covers the total likely range of

conditions to be found in practical ED stacks. Thus, the various curves for different

values of k are plots of the contributions of the resistance loss (p A.I) to the V term for

different values of A. (the cell to boundary layer thickness ratio). Note that, as X

increases (i.e. as the cell size increases) the energy requirements increase. Note also,

that, for the calculations of the value of p (used in the A-plots and also in the

polarization plot) that a temperature of 300 °K has been used.

3.12.4 Estimation of Effects of Flow of Solution through Stack on Desalting Process

No account of the effects of flow of solution through the compartments of the ED stack

have been taken up to now. This matter can be estimated by investigating how

conditions vary as the diluate passes along its channel'16'. This procedure can be

started by carrying out a salt mass balance on an element, dx, in which the

concentration changes from Cd by a small amount dCd (See Figure 3.12.9).

Area of element = 1 x t = t cm2

Therefore, rate of salt flow into element is CdUdt equiv s \

Sait flux out of element along diluate channel is (Cd + dCd) t Ud equiv s \

Flux of salt through membranes (= desalting rate)

1
= F equiv/cm2 s

i

= F dx equiv/s (out of element dx of membrane area dx cm2)

Mass balance on salt gives:-

CdtUd = (Cd + dCd) tUd + idx/F (3.12.52)

or, - dCdtUd = idx/F (3.12.53)

-dCd = i dx (3.12.54)
t FU d
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Brine Concentration {Cc)/Diluate Concentration

0 0,! 0,2 0,3 0,4 0,5 0,6 0,7 0,8 0,9

1 =
max

Figure 3.12.8: Effect of I on Vcp {Vcp = (Ul) at different cell to boundary layer thickness

ratio's (X) (simple resistive losses); effect of I on Vcp (Vcp = -(1 + p) In

(1 - I) - (1 + t2 p) In (1 - t , I) (polarisation losses); effect of C (CJCd) on

Vcp (Vcp = 2 In C) (useful potential).
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If i in the above equation is replaced by the dimensionless current term I = \/\n

or I = M . (3.12.55)
C,FDJ r

i.e. using the expression (derived earlier) for imBK:-

U = ^ F D (3.12.56)

one obtain:

or:

-dCH = ^ x ^ - (312.57)
tUd

dx . . * v t " * x ^ (3.12.58)
Dl Cd

f'dx - - t g M U d f ^ (3.12.59)
Jo Dl Jx - o c ,

x „ _ ^ [|n C d ( x ) . ,n C d ( x . 0 ) ] (3.12.60)

,n
 C^ x> (3.12.61)

C ( 0)
,n

Dl Cd(x = 0)

{£&) (3.12.62)
and Cd(x) = Ca{0) e ^MU<>

{n$rr) (3.12.63)
= C, 8 ^ d/
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Figure 3.12.9: Flow through a diiuate channel.

Now Vcp will be constant along the cell, but Cd and I will vary with x. Polarisation will

be worse (i.e. highest value of I) at the stack entrance. Hence, if there is a "design"

limit on polarisation it must be applied here (at x = 0). Hence, at this location Cd = Cf

(feed concentration) and I = lmas. it can therefore be worked out what the cell pair

voltage will be at this point and this will be the value for the whole stack. Having

settled on a value for Vcp, it can be examined how Cd and i (or I) vary with x. A typical

result of such an analysis is shown in Figure 3.12.10.
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Figure 3.12.10: Variation of diiuate concentration along cell pair.
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4. ELECTRODIALYSIS IN PRACTICE

Electrodialysis technology has progressed significantly during the past 40 years since the

introduction of synthetic ion-exchange membranes in 1949'53'. The first two decades of this

period saw the development of classical or unidirectional standard electrodialysis. However,

during the past decade, the main feature has been the development of the polarity reversal

process - the so-called electrodialysis reversal (EDR)'S4i. This form of electrodialysis

desalination has virtually displaced unidirectional ED for most brackish water applications and

is slowly gaining a significant share of this market.

EDR is at present mainly used for the desalination of brackish waters to produce fresh potable

and industrial water. Unidirectional ED is used on a large scale in Japan for concentrating

seawaterto produce brine for salt production'8" and is also used on a small scale for seawater

desalination86) and for brackish water desalination'871.

Outside the water desalination field, ED is also being used on a large and increasing scale in

North America and Europe to de-ash cheese whey to produce a nutritious high quality protein

food supplement'531. It is also finding application in the treatment of industrial waste waters for

water recovery, reuse and effluent volume reduction161 •8a>.

4.1 Electrodialysis Processes and Stacks

Different types of ED processes and stacks are used commercially for ED

applications'61. The filter-press- and the unit-cell stacks are the most familiar.

4.1.1 Filter-Press Stacks

The filter press stack configuration6 81 in which alternate cation- and anion-exchange

membranes are arranged between compartment frames in a plate-and-frame filter

press assembly is shown in Figure 4.1.

Salt solution flows between the alternately placed cation and anion permeable

membranes in the ED stack. Direct current (DC) provides the motive force for ion

migration through the ion-exchange membranes and the ions are removed or

concentrated in the alternate water passage by means of permseiective ion-exchange

membranes. This process is called the standard ED process.
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Figure 4.1: Plate-and-frame type EDR membrane stack.

C = cation membrane. A = anion membrane.

The standard ED process often requires the addition of acid and/or polyphosphate to

the brine stream to inhibit the precipitation of sparsely soluble salts (such as CaCO3

and CaSOd) in the stack. To maintain performance, the membrane stack needs to be

cleaned periodically to remove scale and other surface fouling matter. This can be

done in two ways'81 by cleaning in-p!ace (CIP); and stack disassembly.

Special cleaning solutions (dilute acids or alkaline brine) are circulated through the

membrane stacks for in-place cleaning, but at regular intervals the stacks need to be

disassembled and mechanically cleaned to remove scale and other surface-fouling

matter. Regular stack disassembly is a time-consuming operation and is a

disadvantage of the standard ED process.
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The electrodiaiysis reversal process (EDR) operates on the same basic principles as

the standard ED process. In the EDR process, the polarity of the electrodes is

automatically reversed periodically (about three to four times per hour) and, by means

of motor operated valves, the 'fresh product water1 and 'waste water' outlets from the

membrane stack are interchanged. The ions are thus transferred in opposite directions

across the membranes. This aids in breaking up and flushing out scale, slime and

other deposits from the cells. The product water emerging from the previous brine

cells is usually discharged to waste for a period of one to two minutes until the desired

water quality is restored.

The automatic cleaning action of the EDR process usually eliminates the need to dose

acid and/or polyphosphate, and scale formation in the electrode compartments is

minimized due to the continuous change from basic to acidic conditions. Essentially,

therefore, three methods of removing scale and other surface fouling matter are used

in the EDR process18', viz., cleaning in place, stack disassembly as used in the

standard ED process; and reversal of flow and polarity in the stacks. The polarity

reversal system greatly extends the intervals between the rather time-consuming task

of stack disassembly and reassembly, with an overall reduction in maintenance time.

The capability of EDR to control scale precipitation more effectively than standard ED

is a major advantage of this process, especially for applications requiring high water

recoveries. However, the more complicated operation and maintenance requirements

of EDR equipment necessitate more labour and a greater skill level and may be a

disadvantage of the process.

4.1.2 Unit-Cell Stack

A unit cell stack is shown in Figure 4.2. In this case the cation- and anion exchange

membranes are sealed together at the edges to form a concentrating cell which has

the shape of an envelope-like bagIS). Many of these concentrating cells can be placed

between electrodes in an ED stack.

The concentrating cells are separated by screen-like spacers. The feed flows between

these concentrating cells and the direction of current through the stack is such as to

cause ionic flow into the bags. Water flow into the cells is due to electro-osmosis

(water is drawn along with the ions), and osmosis (water flows from the feed solution

to the more concentrated brine). Small tubes are attached to each unit cell to allow
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overflow of the brine. Because brine is pumped out of the cells mainly by the inflow

of electro-osmotic water flow, this variant of ED is called electro-osmotic pumping ED.

Brine

Cathode

Feed

Figure 4.2: Schematic diagram of an ED unit cell stack.

C = cation membrane. A = anion membrane.

4.2 Ion-Exchange Membranes

Ion-exchange membranes are ion-exchangers in film form. There are two types:

anion-exchange and cation-exchange membranes. Anion-exchange membranes

contain cationic groups fixed to the resin matrix. The fixed cations are in

electroneutrality with mobile anions in the interstices of the resin. When such a

membrane is immersed in a solution of an electrolyte, the anions in solution can intrude

into the resin matrix and replace the anions initially present, but the cations are

prevented from entering the matrix by the repulsion of the cations affixed to the resin.

Cation-exchange membranes are similar. They contain fixed anionic groups that permit

intrusion and exchange of cations from an external source, but exclude anions. This

type of exclusion is called Donnan exclusion.
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Details of methods for making ion-exchange membranes are presented in the

literature'39 •9!1 Heterogeneous membranes have been made by incorporating ion-

exchange particles into film-forming resins (a) by dry molding or calendering mixtures

of the ion-exchange and film-forming materials; (b) by dispersing the ion-exchange

material in a solution of the film-forming polymer, then casting films from the solution

and evaporating the solvent; and (c) by dispersing the ion-exchange material in a

partially polymerized film-forming polymer, casting films, and completing the

polymerization.

Heterogeneous membranes with usefully low electrical resistances contain more than

65% by weight of the cross-linked ion-exchange particles. Since these ion-exchange

particles swell when immersed in water, it has been difficult to achieve adequate

mechanical strength and freedom from distortion combined with low electrical

resistance.

To overcome these and other difficulties with heterogeneous membranes,

homogeneous membranes were developed in which the ion-exchange component

forms a continuous phase throughout the resin matrix. The general methods of

preparing homogeneous membranes are as follows'51:

• Polymerization of mixtures of reactants (e.g., phenol, phenolsulfonic acid, and

formaldehyde) that can undergo condensation polymeriz ion, At least one of

the reactants must contain a moiety that either is, or can be made, anionic or

cationic.

• Polymerization of mixtures of reactants (e.g., styrene, vinylpyridine, and

divinylbenzene) that can polymerize by additional polymerization. At least one

of the reactants must contain an anionic or cationic moiety, or one that can be

made so. Also, one of the reactants is usually a cross-linking agent to provide

control of the solubility of the films in water.

• Introduction of anionic or cationic moieties into preformed films by techniques

such as imbibing styrene into polyethylene films, polymerizing the imbibed

monomer, and then sulfonating the styrene. A small amount of cross-linking

agent (e.g., divinylbenzene) may be added to control leaching of the ion-

exchange component. Other similar techniques, such as graft polymerization

of imbibed monomers, have been used to attach ionized groups onto the

molecular chains of preformed films.

• Casting films from a solution of a mixture of a linear film-forming polymer and
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a linear polyelectrolyte, and then evaporating the solvent.

Membranes made by any of the above methods may be cast or formed around scrims

or other reinforcing materials to improve their strength and dimensional stability.

The properties of some representativecommercialty available ion-exchange membranes

as reported by the manufacturers are shown in Table 4.1161.

Table 4.1: Reported Properties of Ion-Exchange Membranes*

Manuiacturer

and Designation

A M F b

C-80

C-100

A-SO

A-100

ACI e

CK-1

DK-1

CA-1

DA-1

AGC d

CMV

CSV

AMV

ASV

IC '

MC-3142

MC-3235
MC-3470

MA-3148
MA-3236
IM-12
MA-3475R

II1

CR-61
AR-111A

TSC'
CL-2.5T
CLS2ST

AV-4T
AVS-4T

Type of
Membrane

Cal-exch
Cai-escn

An-excb
An-exert

Cal-exch
Cat-exert

An-excb
An-exch

Cat-exch
Cal-ereh

An-exch
An-excn

Cai-exeh
Cat-exen
Cat-exch

An-exch
An-exch
An exert"
An-exch

Cat-exen
An-exch

Cat-exert
Cat-exch"

An-exch
An-eTrch"

Area
Resistance
fohm-cm1!

me NKCrj
5 ± 2
7 ; 2

6 - 2
B ± 2

(0.5 «NaCr|
1.4
1.8

2.1

3.5

(0.5 N NaCI)
3

10

4

5

(0.1 NNaCI)
12

18

35

20

120

12

11

11

11

3

3

4

5

Transference
Number of Courrtefton"

O.BQ (0 5/1 0 /VKOl
0,90 [0.5/1,0 NKCr|

0.60(0.5/1,0 /VKC1)
0.90(0.5/1,0 /VKCFI

0.85 (0.25/0 5 W NaCIl
0,85 (0.25/0.5 N NaC!)

0,92 (0 25/0.5 /V NaCH
0.92 (0 25/0.5 N NaCH

0,93(0.5/1,0 *NaCf l
0,92 (0.5/1,0 /VNaCf)

0.95 (0.5/1,0 /V NaCD
0,95(0.5/1,0 /VMaCl)

0,94(0./51,0 (VNaC()
0,95(0710,2 NNaCI)
0,98 [0/10,2/VNaC!)

0.90 10 5/1,0 /VNaCI)
0.93 (0.5/1 0 W NaCI)
0,96(0 1/0,2 A/NaCO'
0,99 (0.5/1,0 /VNaCI)

0.93 (0.2 N NaCI)°
0.93(0.1/0,2 /VNaCO
(by electrophoretic method
in 0,5 /VNaC!)
0,98
0.96

0,98
0,98

Strength

Mullen burst IkPa)
310

414

310
379

Tenstile strength
(kg/mm^

2 to 2.4

2 to 2.3

Mullen burst (kPa)
1 241
1 241

1 531
1 531

Mullen burst tkPa]
1 379
1 137
1 379

1 379
1 137

999

1 379

Muiten burst lkPa>
793

662

Mullen burst [kpaj
551

551

1 034
955

Approximate
Thickness

(mini

0.30
0.22

0,30
0.23

0.23
0,23

0.23
0,23

0,15
0,30

0.15
0.15

0.20
0.30
0,20

020

0 30
0.15°
0.36

0,58
0.51

0.15
0.15

0.18
0.18

Dimensional
Changes on
Wetting and
Drying |%)

10 • 13

12 • 15

t 5 - 2 3

12- 18

< 2

< 3'

< 3 '
Not given
Not grven

Cracks on
drying

Not given

Not cjtven

Size available

1,1m wee rDl&

1,1m wide rol&

1,1 x 1,1 m

1.1 < 1,1 m

1 1 m wide rolts

1 x 3 m

1 x 3m

0.5 X 1 m

1 x 1.3 m

< 1 3 m

Properties are those reported by manufacturer, excepl lot those membranes designated uvrth footnote i

Calculated from concentration potentials measured between solutions of the two normalities listed.

American Machine and Foundry Co., Stamford. Connecticul.

Asahi Chemical Industry. Ltd. Tokyo, Japan.

Asahi Glass Co., Ltd.. Tokyo. Japan.

Membranes that are selective for univalent (over muttrvalent) ions,

lonac Chemical Co.. Birmingham. New Jersey.

Measured at Southern Research Institute

Special anion-exchange membrane that is hkghfy diffusive to acids

tonics, Inc.. Cambridge. Massachusetts.

Tokluyama Soda Co.. Ltd., Tolkyo, Japan.

Univalent selective membranes
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4.3 Fouling

Fouling of ED membranes by dissolved organic and inorganic compounds may be a

serious problem in practical eiectrodialysis'6-92 93) unless the necessary precautions

(pretreatment) are taken. Organic fouling is caused by the precipitation of large

negatively charged anions on the anion-permeable membranes in the dialysate

compartments.

Organic fouling of anion permeable membranes takes place in a number of ways'921:

a) The anion is small enough to pass through the membrane by electromigration

but causes only a small increase in electrical resistance and a decrease in

permselectivity of the membrane;

b) The anion is small enough to penetrate the membrane, but its electromobility

in the membrane is so low that its hold-up in the membrane causes a sharp

increase in the electrical resistance and a decrease in the permselectivity of the

membrane:

c) The anion is too big to penetrate the membrane and accumulates on the

surface (to some extent determined by the hydrodynamic conditions and also

by a phase change which may be brought about by the surface pH). The

decrease in electrical resistance and permselectivity of the membrane is slight.

The accumulation can be removed by cleaning.

In case (c) the eiectrodialysis process will operate without serious internal membrane

fouling and only mechanical (or chemical) cleaning will be necessary. Case (b) would

make it almost impossible to operate the electrodiatysis process. In case (a), the

eiectrodialysis process can be used if the concentration of large anions in solution is

low or if the product has a high enough value to cover the high electrical energy costs.

Inorganic fouling is caused by the precipitation (scaling) of slightly soluble inorganic

compounds (such as CaSO. and CaCO3) in the brine compartments and the fixation

of multivalent cations (such as Fe and Mn) on the cation-permeable membranes.

Organic anions or multivalent cations can neutralize or even reverse the fixed charge

of the membranes, with a significant reduction in efficiency. Fouling also causes an

increase in membrane stack resistance which, in turn, increases electrical consumption

and adversely effects the economics of the process.
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The following constituents are, to a greater of lesser extent, responsible for membrane

fouling1941:

• Traces of heavy metals such as Fe, Mn and Cu,

• Dissolved gases such as O2, CO2 and H2S.

• Silica in diverse polymeric and chemical forms,

• Organic and inorganic colloids.

• Fine particulates of a wide range of sizes and composition.

• Alkaline earths such as Ca, Ba and Sr.

• Dissolved organic materials of both natural and man-made origin in a wide

variety of molecular weights and compositions19*1.

• Biological materials - viruses, fungi, algae, bacteria - all in varying stages of

reproduction and life cycles.

Many of these foulants may be controlled by pretreatment steps which usually stabilize

the ED process. However, according to Katz(SW1, the development of the EDR process

has helped to solve the pretreatment problem more readily in that it provides seif-

cleaning of the vital membrane surfaces as an integral part of the desalting process.

4.4 Pretreatment

Pretreatment techniques for ED are similar to those used for R0 l8!. Suspended solids

are removed by sand and cartridge fitters ahead of the membranes. Suspended

solids, however, must be reduced to a much lower level for RO than for ED. The

precipitation of slightly soluble salts in the standard ED process may be minimized by

ion-exchange softening and/or reducing the pH of the brine through acid addition

and/or the addition of an ihibiting agent.

Organics are removed by carbon filters, and hydrogen sulphide by oxidation and

filtration. Biological growths are prevented by a chlorination-dechlorination step. The

dechlorination step is necessary to protect the membranes from oxidation. Iron and

manganese are removed by green sand filters, aeration, or other standard water

treatment methods. It has been suggested that multivalent metal and organic ions, and

hydrogen sulphide, however, must be reduced to a lower level for EDR than for RO(9E1.

The overall requirements for pretreatment in ED, may be somewhat less rigorous than

for RO due to the nature of the satt separation and the larger passages provided'81.
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In ED, the ions (impurities) move through the membranes, while in RO the water moves

under a high pressure through the membranes while the salts are rejected. Salts with

a low solubility can, therefore, more readily precipitate on spiral and hollow fine fibre

RO membranes to cause fouling and to block the small water passages. Suspended

solids can also more readily form a deposit. However, this might not be the case with

tubular RO membranes. With the EDR process, precipitated salts in the brine

compartments can be more readily dissolved and flushed out of the system using

polarity reversal without the need for chemical pretreatment.

However, high removals of suspended solids, iron, manganese, organics and hydrogen

sulphide are still critical to avoid fouling and suppliers of EDR equipment recommend

pretreatment of the feed water181, if it contains the following ions: Fe > 0,3 mgrt; Mn

> 0,1 mg/«; H2S > 0,3 mg/(; free chlorine and turbidity > 2 NTU. In every case, of

course, a careful examination of the prospective water would be necessary to

determine suitability and pretreatment.

A certain degree of fouling is, however, unavoidable. Membranes should, therefore,

be washed regularly with dilute acid and alkali solutions to restore performance.

4.5 Post-treatment

The EDR product water is usually less aggressive than the RO product because acid

is usually not added in EDR for scale control1951. Post-pH adjustment may, therefore,

not be required as with RO. Non-ionic matter in the feed such as silica, particulates,

bacteria, viruses, pyrogens and organics will not be removed by the ED process and

must, if necessary, be dealt with during post-treatment.

4.6 Seawater Desalination

There is limited application of ED for seawater desalination because of high costs'81.

A small batch system {120 m3/d) has been in operation in Japan since 1974 to produce

water of potable quality at a power consumption of 16,2 kWh/m3 product wateri96). A

200 m3/d seawater EDR unit was evaluated in China|97). This unit operated at 31 °C;

its performance was stable; total electric power consumption was 18,1 kWh/m3

product water and the product water quality of 500 mg/G TDS met all the requirements

for potable water. When the stacks were disassembled for inspection, there were no

signs of scale formation.
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With the commercial ED units currently available, the energy usage for seawater

desalination is relatively high compared with that of RO. However, work under the

Office of Water Research and Technology (OWRT) programmes has indicated that

high-temperature ED may possibly be competitive with RO1981. Results have shown that

the power consumption can be reduced to the levels required for seawater RO (8

kWh/m3) and that a 50% water recovery can probably be attained.

4.7 Brackish Water Desalination for Drinking-Water Purposes

A considerable number of standard ED plants for the production of potable water from

brackish water are in operation'3 aTl. These plants are operating successfully.

However, after the introduction of the reversal process in the early 1970's, Ionics

Incorporated shifted almost all their production to this process'941.

The major application of the EDR process is for the desalination of brackish water. The

power consumption and, to some degree, the cost of equipment required is directly

proportional to the TDS to be removed from the feed water1'81. Thus, as the feedwater

TDS increases, the desalination costs also increase. In the case of the RO process,

a cost: TDS removal relationship also exists, but it is not as pronounced. Often the

variation in the scaling potential of the feed water and its effect on the percentage of

product water recovery can be more important than the cost: TDS relationship,

Thus, for applications requiring low TDS removals, ED is often the most energy-efficient

method, whereas with highly saline feed waters RO may be expected to use less

energy and is preferred. The economic crossover point between ED and RO based

on operating costs is, however, difficult to define precisely and needs to be determined

on a site-specific basis. Apart from local power costs, other factors must also be

considered in determining the overall economics. Among these, to the advantage of

ED, are the high recoveries possible (up to 90%), the elimination of chemical dosing

(with EDR), and the reliability of performance that is characteristic of the ED process.

4.8 Energy Consumption

The energy consumption of a typical EDR plant is as follows'"':

Pump : 0,5 to 1,1 kWh/m3 product water

Membrane stack : 0,7 kWh/m3 product water/1 000 mg of TDS removed

Power losses : 5% of total energy usage
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The major energy requirement, therefore, is for pumping the water through the ED unit

and for the transport of the ions through the membranes.

4.9 Treatment of a High Scaling, High TDS Water with EDR

The successful performance of EDR on high calcium sulphate waters has been

reported184'. Brown1"1 has described the performance of and EDR plant treating 300

m3/d of a high calcium sulphate water with a TDS of 9 700 mg/j, The only

pretreatment applied was iron removal on green sand. The quality of the feed, product

and brine is shown in Table 4.2

The water recovery and energy consumption were 40% and 7,7 kWh/m3 of product

water, respectively. No attempt was made to optimize water recovery. The stack

resistance increased by only 3% after one year of operation, which clearly indicates the

successful operation of the EDR unit in spite of the super saturated condition of the

brine with respect to calcium sulphate. Membrane life times are estimated to be 10

years.

The main developments in EDR during the past few years have been the following:

• EDR has achieved CaSO4 saturation in the brine stream of up to 440%

without performance decline on tests of several hundred hours' duration1"1.

• EDR has desalted a hard (Ca*+ approx. 150 mg/f) brackish water of 4 000

rngjl TDS at water recoveries of up to 93% without cumbersome and

expensive pre-softening1941.

• An EDR test unit has achieved 95% or greater recovery of a limited 4 000

mg/t TDS brackish water resource by substituting a more abundant 14 000

mg/j saline water in the brine stream11001. The substitution of seawater in the

brine stream would be freely available in coastal or island locations with limited

high quality brackish water resources.

• The development, extensive field testing and subsequent large-scale

commercial usage of a new family of thick (0,5 mm), rugged anti-fouling anton-

permeable membranes in the USA with much higher current efficiencies and

chlorine resistance than those formerly available"0C).
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Table 4.2: Water Quality Before and After EDR Treatment

Constituent

Na*
Ca**
M g "

Cl
HCO,-
S O /
TDS
pH

Feed
(mg/t)

2090
652
464

3 687
134

2 672
9 727

7.0

Product
(mg/f)

79
4
4

111
25
19

242
6.8

Brine
(mg/f)

3 694
1 390

964
7 084

175
5 000
18 307

7.2

4.10 Brackish Water Desalination for Industrial Purposes

In the past most ED plants treated brackish waters of 1 000 to 10 000 mg/« TDS and

produced general purpose industrial product water of 200 to 500 mg/c TDS. However,

ED capital and construction costs have declined during recent years to the point where

it is already feasible to treat water containing 200 to 1 000 mg/J TDS and produce

product water containing as little as 3 to 5 mg/0 TDS110'1. These low TDS levels are

achieved by multistaging. The systems, which often employ ion-exchange (IX) units as

polishers', are usually referred to as ED/IX systems.

4.11 ED/IX System

New and existing ion-exchange facilities can be converted to ED/IX systems by addition

of ED units upstream of the ion-exchange units. The ED unit reduces chemical

consumption, waste, service interruptions and resin replacement of the ion-exchanger

in proportion to the degree of prior mineral removal achieved"01'. For small capacity

systems (2 to 200 rrrVd) the optimum ED demineralization will usually be 90% or

greater; for larger installations, and particularly those where adequate ion-exchange

capacity is already provided, the optimum demineralization via ED is more likely to be

in the 60 to 80% range.

It must, however, be stressed that RO may also be used for the abovementioned

application. RO may function better than ED because it removes siiica and organic

material better than ED. However, the choice of the treatment method (ED or RO)

would be determined by the specific requirements and costs for a particular situation.

Honeywell in the USA, which manufactures printed circuit boards and does zinc plating

and anodizing, used !X for the treatment of their process waters before they changed
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